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S a t u r a l  gas coverin; over 9770 of t h e  requirements of the U.S. gas indus t ry(1)  
has  allnost completely replaced manufactured gas  produced from coal ,  coke o r  
o i l ,  which s t i l l  r ep resen t s  over 99% of the  gas d i s t r i b u t e d  i n  &rose (9 ) .  

I n  nost  ca ses ,  i n  the  U . S . A . ,  gas p l an t s  'have been converted t o  produce o i l -  
gas and a r e  being maintained a s  standby f a c i l i t i e s  t o  cover pealcloads, some- 
times so requi red  by S t a t e  U t i l i t y  Commissions. However, i n  general ,  such 
Dlants (appr .  150 gas genera tors ) ,  a r e  operated f o r  less than 15 days p e r  
year .  

This s i e x t i o n  i s  economically unsound, when cons ider ing  the  i apor t ad t  
c a p i t a l  investment i n  such p l a n t s ,  the requi red  maintenance, and the ne- 
ces s i ty  of having s k i l l e d  labor  ava i l ab le  a l l  year  round f o r  only a few 
days' opera t ion  per  year .  

On the o the r  hand, n a t u r a l  gas con t r ac t s  genera l ly  l i m i t  t h e  quant i ty  oE 
na tu ra l  gas  a v a i l a b l e  f o r  pealcloads, YJhich may be a s  high a s  4 times the 
lowest sendout volume. P r i c e  f o r  ex t r a  peakload qas may be up to  6 
times tne averaze cos t  oE n a t u r a l  gas .  With the incGease i n  space heat ing 
load, the  dynamic conpet i t ion  of o the r  f u e l s  and the  upward t rend i n  the  
c o s t  oE n a t u r a l  gas ,  the peakload problem i s  becoming increas ingly  acute .  

A so lu t ion  is proposed which i s  bel ieved 
the  gas indus t ry .  I t s  app l i ca t ion  :till permit continuous year  round 
opera t ion  of present ly  i d i e  gas p l an t s .  

This  so lu t ion  provides t o  produce o i l g a s  with a higher  than conventional 
hea t  value and which may contain up t o  50% higher  hydrocarbons ( C 2  t o  C,). 
Recovery, f r a c t i o n a t i o n  and f u r t h e r  processing o f  such hydrocarbons xould 
then make ava i l ab le  bas i c  petrochemicals.  Due t o  the high value of pe t ro-  
chemicals recovered from the o i l g a s ,  the  r e s i d u a l  gas can be made ava i l ab le  
a t  a lower c o s t  than t h a t  of n a t u r a l  gas .  The r e s idua l  gas  i s  more r ead i ly  
interchangeable  with n a t a r a l  gas than o i lgas .  During most of the year ,  r e -  
s idua l  gas may t e  used t o  cover hea t  and power requirements;  during peak- 
load per iods,  i t  can be made ava i l ab le  f o r  gas d i s t r i b p t i o n  and l i q u i d  f u e l s  
a r e  used f o r  t he  p l an t .  

The process  can make ava i l ab le  t o  the  chemical indus t ry  basic petrochemicals 
such a s  e thylene ,  Dropylene, butylene-butadiene,  cyclopentadiene,  benzene 
toluene, cumene ana s tyrene .  Production would be nearer  t o  l a rge  oonsumpkon 

t o  solve the  peakload problem of 
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a r e a s ,  a s  for ins tance  on the East Coast of t he  U.S.A., and poss ib ly  a t  
l ove r  c o s t  than t h a t  p reva i l i ng  on the  Gulf Coast. 

Taking EffiyLene a s  an erample: 62.5% of the t o t a l  U.S.production o r ig ina t e s  
f r o s  the  Gulf Coast a t  a p r i ce  of appr .  5cents / lb .  and only 15.4% from the 
East Coast a t  appr. 6 cen ts / lb .  such p r i ces  being based on p l an t s  of 230 t o  
300 mi l l i on  pounds per year  capaci ty  ( 8 ) .  

With t'his so lu t ion ,  i t  would be poss ib le  t o  produce ethylene a t  a p r i c e  of 
appr. 2.5 cents / lb . ,  i n  New England i n  a p l an t  having a capaci ty  
43 mi l l i on  pounds per year  ( o i l g a s  p l a n t  of 10,000 MCED). 
r e s idua l  gas i s  valued a t  30% below the average cost of n a t u r a l  gas, and 
the  o ther  products a t  t h e i r  market value i n  t h i s  area.  

A p l a n t  with an annual capac i ty  o f  26 mi l l i on  pounds of e thylene (6,000 ?,C.ICFD 
gas p l a n t )  would s t i l l  be economically f e a s i b l e  with t h i s  so lu t ion ,  where- 
a s  such r e l a t i v e l y  s m a l l  
cesses .  By appl ica t ion  of the proposed so lu t ion  a t  a s ing le  converted 
gas p l a n t  i n  the N.Y. metropol i tan a r e a ,  150 mi l l i on  pounds of e thylene 
could be obtained and t l is  r i g h t  near  major markets f o r  the products. 

of only 
I n  t h i s  case ,  the 

p l a n t s  are not  coape t i t i ve  when using o ther  pro- 

The growth of t he  petrochemical indus t ry  has been dynamic and continues a t  
an unprecedented r a t e .  During the  l a s t  two decades, production i n  the  U.S.A. 
had doubled about every f i v e  years .  I n  1958, i t  amounted t o  .appr. 5 b i l l i o n  
d o l l a r s  annual ly ,  and i s  expected t o  grow to  20 b i l l i o n  d o l l a r s  by 1967(6). 

I n  papers presented a t  the World Petroleum Congress he ld  r ecen t ly  i n  New 
York, a s  w e l l  a s  i n  several pub l i ca t ions  ( 6 ,  7 )  production of petrochmicals 
over a decade has been f o r e c a s t  as p e r  fol lowing Table. 

Ant ic ipa ted  Increase i n  Production of some Basic Petrochemicals 
i n  the United S t a t e s  i n  a Decade i n  B i l l i o n  Pounds 

Ethylene 
Propylene 
Buty lene-Butadiene 
Aromatics 
Styrene 
A l l  Petrochemicals 

1965 - 19 55 - 
3.05 6 .SO 
1.50 2.70 
2.15 3.60 
3.00 8.00 
1.01 1.75 

31.50 85.00 

Natural  gas  i s  the p r inc ipa l  source (50%) from which ethylene i s  produced 
i n  'the U.S. (8). 
ethane from which ethylene i s  produced by therlnocracking, a f t e r  recovery 
of et!??ne from n a t u r a l  gas. I n  our case ,  the ethylene i s  already present  
a s  such i n  the o i lgas  (over  20% by volu2e) i n  add i t ion  to o ther  hydrocarbons 
the  t o t a l  content  of which nay be a s  h igh  a s  5W0 by voluue. This  a l lows 
lower c a p i t a l  investnent  and permits the economical recovery of hydrocarbons 
i n  smaller p lan ts .  

The Stark  Process (U.S.Patent N o .  2,714,060) proposed i n  t h i s  paper has been 
descr ibed previously i n  severa l  publ ica t ions  (2, 3 ,  4, 5 , l I ) T h i s  process  
o f f e r s  a p e a t  deal of f l e x i b i l i t y  regarding the decree of hydrocarbon 
recovery, pu r i ty  and type of products which can be obtained. 

Natural gas conta ins  r e l a t i v e l y  small percentages of 

i \ 
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A number of schemes, A t o  E ,  mostly new, have been worked ou t  t o  show various 
p o s s i b i l i t i e s  i n  recovery and production of petrochemicals and t h e i r  eco- 
nomics a r e  out l ined  he rea f t e r .  

I n  a l l  of the  following schc-nes, o i lgas  i s  the bas i c  charge s tock  f o r  the 
proposed recovery and petrochemical p l an t s .  The o i lgas  i s  produced i n  
e x i s t i n g  converted,  reac t iva ted  o r  new gasplant  f a c i l i t i e s .  

The conventional o i lgas  generztor  permits vapor phase cracking W;,th steam 
but  without c a t a l y s t .  A var i e ty  of f u e l s  such as Bunker C o i l ,  residuum 
crude o i l s ,  and crude oil may be used f o r  o i l g a s  making. The o i lgas  ge2- 
e ra to r  can be heated by heavy o i l ,  tar o r  gas. B y  s u i t a b l e  adjustment of 
the  operat ing condi t ions ,  p a r t i c u l a r l y  of the cracking temperature,  an o i l -  
gas of des i red  ana lys i s  and hea t  value (700  Btu/cf t o  1600 Btu/cf) can be 
produced. A s  the  hydrocarbon content  of t he  gas ( C  t o  C,) increases ,  the  
heat ing value of t h e  o i l g a s  increases  accordingly.  21t may range between 5 
mol percent f o r  a 700 Btu/cf gas t o  50 mol percent f o r  a 1600 Btu/cf gas ( l0 ) .  

The present study i s  based on a typ ica l  oilgas of 1250 Btu/cf having the  f o l -  
lowing 
from various p l an t s .  

ana lys i s  expressed i n  no1 percent ,  based on opera t ing  da ta  ava i lab le  

33.00/0 
24.0% 
6.6% 
3.% 
1.2% 

The combined percentage of unsaturated hydrocarbons and aromatics i n  above 
ana lys i s  represents  appr.  33%. The r e s idua l  gas a f t e r  recovery of higher 
hydrocarbons ?.Jill hi-le a hea t  value and gravi ty  nearer  t o  the  na tu ra l  
gas 
and c h a r a c t e r i s t i c s  The re -  
s idua l  %as may, however, a l s o  be used -xithin t h e  p l an t  l t s e l f  to  provide 
for heat  and power requirements. Depending on l o c a l  market condi t ions,  by 
c red i t i ng  the  marlcet value of the recovered ?etrochemicals ,  t h i s  nay r e -  
s u l t  i n  a lower c o s t  f o r  r e s idua l  gas than f o r  the p r i c e  of na tu ra i  
gas i n  the s p e c i f i c  a rea .  

The H2S 
a t  the gas p l an t  by co~lventio-;lal procedures. The o i l g a s  accii?wlated i n  
the holder i s  compressed and s e n t  t o  the recovery p l an t .  

A s  the contained i n  .the o i lgas  (appr. 
30 grains/100 c f )  a r e  removed from the gas during the recovery processino, 
the  res idua l  gas v i11  be p r a c t i c a l l y  f r e e  of o r g m i c  sulpbxc R ~ C !  can, ?f 
s o  des i red ,  be used I n  a c a t a l y t i c  
which cannot be obtained from the  o i  
This allows also  t o  bu i ld  a m o n i a  p 
only charge stock. I n  such case ,  hydromen could be producec? Erp i?  the  r e -  
s idua l  gas and any balance of the  resPdua1 gas could be used t o  cover 
the  im?ortant heat  and power requirements of the  a m o n i a  p ian t .  This  
p o s s i b i l i t y  i s  not  covered i n  t h i s  paper. 

Schemes A t o  E a r e  out l ined  below: 

and may be used a s  a s u b s t i t u t e  thereof ,  with b e t t e r  in te rchangeabi l i ty  
than the  conventional o i lgas  o f  1000 B t u / c l " .  

i s  removed from the o i l  and the tar  i s  separated and dehydrated 

organic  sulphur compounds general ly  
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Scheme A (Fig.  1) 

This p lan t  Droposes the  recovery Of appr.  70% 
C4 t o  C8 cbts ( 2 ) .  
i n  m o l  percent:  

of Cg, and more than 9%of 
The r e s i d u a l  gas will have the  following appr. ana lys i s  

38.0% 
27 -0% 
2.6% 

CH4 
c2  

i a .  4% 

LOO. 0% 

c& 02, (302, N2 14.0% 

Heat value 970 Btu/cf 
Gravi ty  0.68 

Scheme B (Fig.2) 

Recovery of 88% of the  C2 f r a c t i o n  and appr. 98% of the  higher  hydrocarbons(C3- 
i s  proposed. The r e s i d u a l  gas  w i l l  have the  fol loir inf  appr.  ana lys i s  i n  ,C8) 
mol percent: 

CHI 49.2% 
9.1% 

24.7% H 
c& co2,  O2,N2 17.0% 

100.0% 

c24 

Heat value 750 Btu/cf 
Gravi ty  0.58 

aQpf. 
The r e s idua l  gas can be enriched t o  a gas of 1000 Btu/cf and/0.70 gravi ty  
us ing  appr.  470 of t h e  annual output  of the recovered C j  cu t .  

Scheme C (Fig.3) 

Provides f o r  the  add i t ion  t o  the recovery p l an t  as per  Scheme A of another  
P lan t  (21) t o  handle 50'70 of t h e  r e s idua l  gas. 

P a r t  of the  res idua l  gas ,  With addi t ion  of benzene, i s  sen t  t o  P lan t  P1, 
where a l l  of the propylene i n  the gas with the benzene i s  c a t a l y t i c a l l y  
converted to  cunene (C H12), and the etfiylene With the benzene i s  converted 
t o  ethylbenzene (C$il0? an aroma Lic so lvent  remaining as byproduct. The 
ethylbenzene can then be 
p l a n t  P2. 

The quant i ty  of cumene and s tyrene  produced may be var ied  
percentage 

Scherne D (F ig .  3) 

Shows condi t ions when a l l  of the  r e s idua l  gas  i s  processed i n  p l an t s  01 
and F2,otherwise a t  t h e  same condi t ions as Scheme C. 

dehydrogenated i n t o  s tyrene  (CgHg) i n  an addi t iona l  

by changing the  
of volume of r e s i d u a l  gas processed i n  p l an t s  P 1  and P2. 

L 



Scheme E (F ig .  4 )  

Refers t o  an a l t e r n a t e  i n  which the f i r s t  p l an t  2s Lindted t o  the  ex- 
t r a c t i o n  oE 95% of C 4  2nd heavter f r a c t i o n s .  
provided, however, a l l  of the C 3  vi11 be used i n  P lan t  '21 
i n  g r e a t e r  cunene production thwprovided f o r  i n  the preceding scheme, 
but no propylene cu t  i s  recovered. 

:& typ ica l  exam?le i s  given f o r  a p lan t  v i t h  a d a i l y  capac i ty  o f  6 ,000  ?!CFD 
05 o i lgas  corrcsponding t o  the opera t ion  of only one l a rge  s i z e  con- 
ventional o i lgas  generator u n i t .  

An oilgaas of 1230 Etu/cf,  typ ica l  s n a l y s i s  as  above, based on 3 4 3  days 
o f  operation p e r  year ,  has been assumed; thLs ar?our.ts t o  am input i n  
t t e  e,:tr.ection p l an t  of 7,500 X,! Btu/day o r  2,537,70C FP? Btu/year. Con- 
sun:ption of heam oil f o r  gas  nakii-12 
base l  or. 1-5.5 &/;.!Cf. .  is 764,000 bbl/year. , 

T'ne Eol1oiiir.g ta'cLes i l l u s t r a t e  the econonics of such typ ica l  p l an t  f o r  
each of above sche3rLes, based on present  market cord i tcons  prevai l i r .2  
i n  the New England a rea .  

Table I ,  ind ica t e s  q u a n t i t i e s  produce6, a s  w e l l  a s  charge s t o c l s ,  
on an annual b a s i s .  

Tckle II, shows the upgradinz, i.e. crarket value of tlie Froduct 05- 
tn i r ted  l e s s  thc cos t  of charge s tocks  (heavy o i l  an.d benzene)with 
corrcsT;or-clinA v n i t  p r i ces  f o r  e ~ c h  product.  

T l a n t s  similzr to  D a r e  
r e su l t i ng  

and hea t ing  of the o i lgas  generator 

Residual g,as has been cstlniated a t  t he  c o s t  o f  heavy i u e l  i n  equivslent 
E t u ,  i . e .  35C/%Etu, p lus  10: f o r  I l f f e r e n c e  i n  e f f i c i ency  ;r,d c o s t  of 
preheating o f  the heavy  o i l  making a t o t a l  of ?,1.5<,/rGBttu. T h i s  i s  
3122 l o v e r  than tke average cos t  of n a t u r a l  gas i n  the Rex England rcgion 
(~?pp!- .  55C/i.?iEtu). I t  nmkes possible t o  use  r e s i c c a l  gas a s  f u e l ,  e i t h e r  
parri.ally o r  t o t a l l y ,  f o r  petrocfieniical o r  power p l an t s  o r  gas d i s t r i b -  
u t ion .  .-'-bovs calca?.atior.s do not reE1ect c r e d i t  f o r  the ouch higher 
vclluc of r e s idua l  sas whec used f o r  pea~:loac r equ i r e ren t s  (o the r  sub- 
s t i t u t e s  bej.rig up tor5 ';imcs higher) 

An cconor.?ic evalu'tion f o r  each scherr.e i s  sur.wzr.ized i n  Table 111, 

The requi red  c a p i t a l  invcstnients shoulc! be e s t ab l i shed  separa te ly  f o r  
czch p r o j e c t ,  'novever, an ind ica t ion  has  been given i n  Tabulation 111. 

Equity has been assumed z t  5QZ of the  c a p i t a l  requirements,  i n t e r e s t  r a t e  
a t  6 percent per aimurn or. balance of requi red  c a p i t a l  with amortization 
over 10  years  r e s u l t i n g  i n  ap. averaze anriuity of 3.5% 

Cost of u t i l i t i e s  and labor  on crhich these  s t c d i e s  a r e  based: 

S t e m  70C/1000 lbs. 

Fuel o i l  $2.20/Sbl 
Fuel gas : 8 , 5 P F  
Vater .2$ 1000 g a l s  
S k i l l e d  l a b o r  $2.40/hour 

E l e c t r i c  t y  1 . lC/P,<X 
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>- conservat ive fi,qre o f  2OC per X F  has beer. used f o r  the  cos t  of oil- 
23s a t  ho lder  inc luding  t a r  ctehydration. 

The r e tu rn  on t o t a l  c a p i t a l  is define? as incoree plus  i n t e r e s t  Cividedby 
tke t o t a l  c a p i t a l .  

The  payout i s  defined as number o f  years  r e s u l t i n g  from the c a p i t a l  in-  
v e s t m a t  divided by n e t  incorne a t e r  taxes  p lus  depreciat ion.  

Tsbulat ion I11 shows t h a t  t h e  r-et r e t u r n  on c a p i t a l  e&i ty  a f t e r  taxes  
i s  215 t o  72% ar.6 payout 4.7% t o  2.1 years  b a s e l  on above conditions.  

, 

- r i g s .  5 and 6 i l l w t r a t e  oavoQt and percentage of net  inc0rr.e a f t e r  taxes  
on the equity( 50% of capital)  f o r  Schemes A t h r u  E above, f o r  p l a n t s  of 

d i t i o n s  i n  the Rew England ares .  

on t h e  l o c a l  and market condi t ions .  

capac i t l e s  frcrm 3,OCO i,CFD t o  I i 0 , O O O  l C F C  base6 on present  m r k e t  con 1 

A s p e c i f i c  study should be m d e  f o r  each case as the economics vi11 depend I 

I€ papu 5 years  i s  tekert a s  a b a s i s  f o r  Scheme B and f o r  a p lan t  G E  
L0,OOO iLr3  capaci ty ,  tke c o s t  of etk-ylene f o r  a production of 43  mil l ion  
pou?.ds per  year  ( i n s t e a d  of 26 mi l l i on  pounds/yezr i n  a 
may be as low as 2.5C/lb i n  the N c r ~  England a r e a .  

of 

6,OOC X F D  p l a n t )  

The c o s t  of s tyrene under akove conditior-s f o r  a plant  of 10,000 XCFD, 
u s ine  t h i s  process d l1  be only appr .  8C/lb'. ap-d of cumene 5.3c/lb. <.e. 
appr.  30% lower than rcirket p r i ces  i n  the  NEW England zrea. 

It i s  t o  be emphasized t h a t ,  depending; on market condi t ions,  p l a n t s  of 
smaller  capaci ty  become economically f e a s i b l e  by appl ica t ion  of t h i s  
process.  
S t a t e s  vhere smaller q u a n t i t i e s  of  pctrcchenlicals a r c  rr.arbetat.le znd CELR 
'ce p r o ? ~ c e d  a t  much lower cost  than they can be imported. 

The app l i ca t ion  of this process  w i l l  r e s u l t  i n  the  follotring sdvantages: 

l> U t i l i z a t i o n  of i d l e  investment i n  gas  p l a n t s  by operat ing them a11 
year round, i n s t ead  on only Less than two veeks a y e a r .  

2) P o s s i b i l i t y  o f -  r ak ing  a v s i l a b l e  t o  tke gas  industry a b e t t e r  s u b s t i t n t e  
vas a t  w c h  lower c o s t  than o ther  s u b s t i t u t e s  f o r  peakloads and appr.  
ZOY: lower than the  average year ly  c o s t  of n a t u r a l  gas i n  t h e  area.  

3) P o s s i b i l i t y  of making avz i l ab le  t o  the  chemical indus t ry  bas i c  pet-o- 
chemicals c loser  t o  the cnnsuniing markets ( f o r  ins tance  the East of 
the U.S.) 
coas t  cf GT.5.3. 

To obtair: a high n e t  i n c o m  on equi ty  c a p i t a l  a f t e r  taxes (21% t o  72:: 
and payout of the  i n v e s t m n t  i n  2 - 5 years .  

P o s s i b i l i t y  t o  i n s t e l l - p l a n t s  of small capaci ty  vhich is, i n  general ,  
n o t  economlcelly poss lo l e  wi th  other  processes .  

This may be of s p e c i a l  importance f o r  p lan ts  outs ide t h e  United 

a t  a p r i c e  possibly lover  than prevz i l ing  on t h e  Gulf 

L ; )  

5) 

. .  

1 

i 

\ 
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6) Economic u t i l i z a t i o n  of heavy o i l s ,  e i t h e r  Bunker C o i l  o r  crude o i l ,  
.jhich ray be e i t h e r  i n  oversupply o r  too far f r o z  market e r e a s .  

This process may shoi,? even t e t t e r  econonics :<hen a p p l i e d  i n  o ther  count r ies  
evcn i f  i n s t a l l a t i o n  oE gas p lan t  equipcent be r e q d r e . 6 ,  becruse 
ckrnicL7-?s 
iahsi-eas l a b o r  i s  l e s s  expensive. 

h sp l i cz t ion  of t h i s  Frocess m a y  bene f i t  both t h e  gas and chemical h6us tr i e s  
and nay c o n t r i t u t e  t o  b e t t e r  s tandards of l i v i n g  i n  many count r ies .  

are general ly  imported and t h e i r  c o s t  i s  h igher  than i n  U.S.A 
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Not f o r  Publ icat ion 

Presented be fo re  t h e  Division of  ffas and Fuel  Chemistry 
American Chemical Society 

A t l a n t i c  City,  N e w  J e r sey ,  Meeting, September 13-18, 1959 

Hydrogenation of Coals and Chars t o  Gaseous Hydrocarbons 

Raymond W. Hlteshue, Robert B. Anderson, and Sam Friedman 
U.S .  Department o f  t h e  I n t e r i o r ,  Bureau of Mines, P i t t sbu rgh ,  Pa  

INTRODUCTION 

The hydrogenation of coal  i s  being considered i n  t h i s  country 
and abroad for production of high B. t .u .  gas f o r  meeting peak-load 
demangs o f  t h e  gas  i n d u s t r y  and a s  a method f o r  augmenting f u t u r e  
supp l i e s  of n a t u r a l  gas. Experiments on t h e  hydrogenatio f coal  and 
cha r s  t o  gaseo 
Channabasappa,y and the  Bureau of M i n e s d a t  500 t o  3000 pounds pe r  
square inch  gauge, 500 t o  750°C., with very long re dence t imes.  
Recently t h e  Bureau of Mines extended these  s t u d i e s g  t o  6000 pounds 
pe r  square inch gauge and 8 0 0 " ~ .  with a coal from Rock Springs,  
Wyoming, u s ing  very s h o r t  r e s idence  times. This paper d i scusses  the 
amenabi l i ty  of o the r  c o a l s  and cha r s  t o  conversion t o  gaseous hydro- 
carbons a t  6000 pounds p e r  square inch gauge and 800"~ .  

EXPERIMENTAL PROCEDURE 

products have been inves t  gated by D e n t , y  

A flow s h e e t  of t h e  apparatus  i s  shown i n  f i g u r e  1. Hydrogen 
flowed from a s torage vesse l  i n t o  t h e  bottom of t h e  r e a c t o r  through a 
preheat  zone and i n t o  t h e  bed of coal o r  char .  After  a constant  flow 
of hydrogen was established, the  r e a c t a n t s  were heated t o  800"c.  i n  
1-1/2 minutes by passing a high cu r ren t  through t h e  tube a t  p o i n t s  
E and El. Hydrocarbon vapors and gases and excess hydrogen passed a t  
p re s su re  i n t o  a small condenser-receiver where the bulk of t h e  oils 
were c o l l e c t e d  i n  a small g l a s s  v i a l .  Noncondensible gases were 
reduced t o  atmospheric p re s su re ,  passed i n t o  a small gasholder,  and 
a f t e r  an appropr i a t e  s to rage  pe r iod  they were sampled, metered, and 
f i n a l l y  vented. A t  the  end of an experiment, the r e a c t o r  and i t s  
charge were cooled t o  room temperature by spraying with cold water.  
Af t e r  t h e  bulk of the unreacted s o l i d s  were removed, t he  r e a c t o r  was 
washed with benzene t o  remove t h e  remainder of s o l i d s  and high molec- 
u l a r  weight o i l s .  The unreacted s o l i d s  and benzens washings were 
f i l t e r e d  and t h e  s o l i d s  were e x t r a c t e d  with benzene i n  a Soxhlet  
appa ra tus ,  The percentage of  coa l  reacted was then c a l c u l a t e d  by 
s u b t r a c t i n g  the  weight pe rcen t  of unreacted organLC s o l i d s  (organic 
benzene i n s o l u b l e s )  from 100. The f i l t r a t e  and e x t r a c t  were not  
analyzed. 

O i l s  which were c o l l e c t e d  i n  the  condenser-receiver were 
analyzed s e x i - q u a n t i t a t i v e l y  i n  a mass spectrometer using a low ion- 
i z i n g  vo l t age  technique. Gaseous hydrocarbons i n  t h e  e f f l u e n t  gas 
stream were also analyzed by t h e  mass spectrometer .  
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Yields of oils and hydrocarbon gases were expressed as 
weight percentages based on moisture- and ash-free coal or char. 
Total yields on this basis would be larger than 100 by an amount 
equal to the percentage of hydrogen absorbed based on moisture- and 
ash-free coal or char. 

Studies were made with high-volatile bituminous coals from 
Pittsburgh, Pennsylvania and Rock Springs, Wyoming, a lignite from 
Rockdale, Texas, a medium-volatile anthracite from Luzerne County, 
Pennsylvania, and a char from Rock Springs, Wyoming coal. ?he char 
was prepared by heating the coal in helium for 2 hours at 600" C.; 
it represents the type of material which could be produced commer- 
cially by carbonization at low temperatures. Ultirnate analyses of 
the substrates are shown in table 1. The coals and char were all 
pulver ed and screensd to 30 x 60 mesh. 
added8to a weight of water 1.3 times the weight of coal o r  char 
to provide 1 percent rnolybiienum on the substrate. After standing 
for 5 minutes, the solution uas added to the substrate and concen- 
trated by evaporating on a hot plate with constant stirririg at 
100°C. 
f o r  20 hours. 

gauge and 800" C. and residence times of zero to 15 minutes. Zero 
residence time is defiriad as the time at which the coal attains 
reaction temperature. Flow of hydrogen was 100 standard cubic feet 
per hour, corresponding to a nominal linear velocity at pressure 
and temperature of 0.5 foot per second. In all cases, this rate of 
flow was sufficient to absorb the heat of reaction and thus rraintain 
adequate control of temperatures. 

RESULTS 

Ammonium molybdate was 

The mixture was finally dried on a tray In air at 70" C. 

Experiments were conducted at 6000 pounds per square Inch 

Conversions of coal and char to gases and liquids are shown 
in figure 2. Bituminous coal and lignite were more readily hydro- 
genated than the char and anthracite. This observation is reasonable 
because of the less condensed styctures of lower rank coals. 
Increase in residence time from 0" to 15 minutes resulted in an 
increase in conversion for Texas lignite from 90 to 9 percent, based 
on moisture- and ash-free feed, and an increase in conversion with 
the bituminous coals from 75 to about 90 pErcent. 
sions for char and anthracite were low at 0" time, they increased 
to 67 and 53 percent, respectively, during the first three minutes 
and at the end of 15 minutes the conversion of char and anthracite 
amounted t o  84 and 65 percent, respectively. 

bituminous coals and lignite were agglomerated, whereas, residues 
from char and anthracite were free-flowing. Agglomeration was less 
severe with Texas lignite than with bituminous ooals. 

Yields of oil from bituminous coals and lignite were 
independent of residence time. Virtually no oils were produced from 
char or anthracite. As shown in figure 3, yields from Texas lignite, 
Rock Springs, Wyomlng and Pittsburgh coals were 32, 26, and 20 percent, 
based on moisture- and ash-free coal, respectively. As yields of oil 

Although conver- 

The carbonaceous residues remaining In the reactor from 
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did not increase with increase in retention time, it appears that the 
bulk of the o i l s  were formed during heating to 800" C. Past experi- 
ments have shown that the formation of o i l  begins at about 400" C . ,  
increases rapidly as the coal is heated to 525" C., and from there on 
decreases because of cracking reactions. 

About 90 percent of the oil was collected as overhead 
material in the condenser-receiver, the remainder condensed in the 
connecting piping between the reactor and the receiver. Overhead o i l s  
produced from bituminous coals and lignite boiled below 300" C .  and 
contained less than 4 percent asphaltenes. Table 2 shows the various 
compounds in the overhead product which i rere identified by ma35 
spectrometer. It is believed that o i l s  produced from Pittsburgh coal 
contained the highest quantity of alkyl benzenes and naphthalene. 

are shown in figure 4. The highest yields of gaaea were obteined 
with char, followed by anthracite, Pittsburgh-seam coal, Rock 
Springs, Wyoming, coal, and Texas lignite. The yleld of gaseous 
hydrocarbons at the end of 15 minutes from char was about 94 percent 
and the yield from Texas lignite or Rock Springs coal was about 67 
to 7 0  percent, based on moisture- and ash-free feed. In all cases, 
the formation of gaseous hydrocarbons increased very rapidly ciuring 
the first three minutes, and from there on the rate was smaller and 
approximately constant. 

hydrocarbons decreased with increasing rank or carbon content o? the 
substrates. Composition of gaseous products did not vary with 
residence time. Average compositions of the gases are shown below: 

Yields of gaseous products as a function of r?sldcl.r.:e 5Lma 

Methane in the gaseous products increased and C2 and C 

Composition, Heating value, 
volume-percent B.t.u. Is per st.ar,dard 7 cubic foot of hydrocarbons 

Texas lignite 82 15 3 1170 
Wyoming coal 88 10 2 1110 
Pittsburgh coal 90 1 1085 

10 5 
Anthracite 92 1 
Char 92 

As the flow of kjdrogen was high in these experiments, the 
concentration of hydrocarbon gases in the effluent stream was only 2 
to 4 percent. If coal was hydrogenated in a continuous unit at high 
partial pressures of hydrogen, the effluent gases would be recycled 
and the gaseous products could be removed by scrubbing with an 
appropriate solvent. As some hydrogen would also be removed by 
scrubbing, It would probably be necessary to use a low-temperature 
fractionation system to enrich the product sufficiently to meet 
specifications for commercial fuels. In this apparatus, product dis- 
tribution is affected by retention time of the volatile products 
as well as pressure, temperature, and residence time of the coal. 
The effect of increasing retention time of volatiles from 6 to 30 
seconds by reducing flow of hydrogen fyom 100 standard cubic foot 
per hour to 20 standard cubic foot per hour is shown iri figwe 5 

- 
-1 
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for Rock Springs, Wyoming coal. Increase in retention time of 
volatiles resulted in a significant increase in yield of gaseous 
products a n d  a very substantial decrease in yields of liquid hgdro- 
carbons. For example, an increase in retention time of the volatiles 
from 6 t o  30 seconds resulted in increasing the yield of gaseous 
prGducts from 73 to 82 percent and in decreasing the yield of  oil 
from 26 to k-1/2 percent, based on moisture- and aah-free c'csi. 
addition, the oil was transformed from a relatively high !nnleculer 
weight product to a low-boiling material very high in bemene ar.d 
naptthaletie. Similar results would probably be obtained with o t h e r  
ranks of  coal. Further increase in retention time of volatlles 
would pr~obacly result in production of only gaseous hydi'ocarbo!-.s 
from coal. 

In 

It xas not possible t o  hydrogenate c 5 w  o r  anthrzcite at 
800" C. and 6000 pounds per square inch gauge at the lower (20 
standard cubic feet per hour) flow rates of hydrogen because cf 
uncontrolled temperatures. Under these conditions, temperatures 
increased to over 1000" C. and as a result, the reac.tor rdptured. 
Uncontrolled temperatures did not occur with bituminous coals and 
lignite under identical conditions. This overheating may be related 
to the type of reactions which took place. It Is believed that coal, 
when heated rapidly to 800" C., first undergoes thermal decomposltion 
rrlth simultaneous hydrogenation of  reactive fragments to produce 
oil, gaseous hydrocarbons, and a carbonaceous residue. As temper- 
atures increase, thermal cracking of oils takes place with production 
of additional hydrocarbon gases and residue. Residues remaining at 
800" C. are then slowly hydrogenated to gaseous hydrocarbons. 
Reacticns are much different with char or anthracite, as only hydro- 
genation to gaseous hydrocarbons occurs. Thus, reactions with 
bituminous coals or lignite are partly endothermic and exothermic, 
wherees, all of the reactions with char or anthracite 2re exothermic. 
With char or anthracite, the rate of heat release is sufficiently 
high to cause overheating. M e n  char was mixed with equal weights of 
asphaltenes or heavy oil, overheating did not occur. In this case, 
endothermic reactions associated with thermal decomposition of these 
hlgh molecular weight materials probably absorbed sufficient heat 
i-f'oiil the exothermic reactions to prevent overheating. Overheating 
with char or anthracite at the lower flow rates (20 standard cubic 
feet per hour) of hydrogen could also be prevented by dispersing 
t h e  materials in a bed of sand. No overheating occured with char o r  
enthracite at high flow ra tes  (100 standard cubic feet per hour) 
of hydrogen. It is of interest to point out that a natural graphite 
from Nadagascar did not react at 800" C. and 6000 pounds per squere 
inch gauge. 

'd' 
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Table 1. Ultimate analyses of substrates 

Moisture Ash Carbon Hvdroaen Nitroaen S u l f u r  Oxygen* 
As received, percent 

Texas lignite 17.4 54.8 4.4 1.2 1.9 18.0 

Anthracite 0.1 9.3 83.6 2.4 0.3 0.9 3.4 
Wyoming coal g:? 1.9 75.1 5.4 1.8 0.7 14.5 
Pittsburgh coal 0.6 8.6 73.9 5.0 1.7 1.5 8.7 
Wyoming char 0.6 2.9 87.9 2.2 1.9 0.6 3.9 

Texas lignite 
Wyoming coal 
Pittsburgh coal 
Anthracite 
Wyoming char 

* By difference. 

Moisture- and ash-free, percent 

68.2 5.5 1.5 2.4 22.4 
77.0 5.5 1.8 0.8 14.9 
81.4 5.5 1.9 1.6 9.6 
92.3 2.6 0.3 1.0 3.8 
91.1 2.3 2.0 0.6 4.0 

Table 2. Analyses of Overhead O i l s  

Compound type Molecular weight 

Alkyl benzenes 78-190 
Phenylnaphthalenes 204-288 
Phenols 94-164 
Phenanthrenes-Anthracenes 178-290 
Fluorenee 166-278 
Acenaphthenes-Biphenyls 154-238 
Benzopyrenes-perylenes 252-294 

Blnaphthyls 254-296 
Indenes 116-130 
Naphthols 1'44-214 
Chrysenes 228-298 
Indans 118-188 
Pyrenes 202-300 

Naphthalenes 128-240 
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American Chemical Society 

At lan t ic  Ci ty ,  New Jersey,  Meeting, September 13-18, 1959 

PRODUCTION O F  NA‘L‘URAL GAS SUESTITD-TES By CONTIlTUOUS 
PRESSURE HYDROGZNOLYSIS OF PETROLEUM OILS 

E. B. Shul tz ,  Jr.,  N .  Mechales and H.  R .  Linden 
I n s t i t u t e  of Gas Technology 

Chicago, I l l i n o i s  
- r .  nigh-pressure hydrogasif icat ion i s  a vapor-phase, thermal hydro- 

genolysis process f o r  near ly  compleLe conversion of d i s t i l l a t e ,  crude 
and res:dual petroleum o i l s  to  f u e l  gases of high methane content .  
The  required hydrogen supply may be generated by c a t a l y t i c  steam re- 
f o m i n c  of a porLion of the product or by p a r t i a l  ox ida t ion  
or” f r e s h  o r  byproducL o i l  

i r 3 l e s  2nd feedstock proper t ies  on the  y ie ld  and composition of products 
of ‘nigh-pressure hydr;ogasification have been d i r e c t e d  pr iz .ar i ly  t c  the 
develc7cenc of a process f o r  producing gases of jOO-GOO B.t.u./SCF (SCF 
mfers t o  standard cubic f e e t  measured a t  GO??., 30 inches of aercury 
sSsolu:e pressure ,  and sz tura ted  with water vapor) ,  
I.n.s;iLuce of G-ls T e c h t ~ i n s l o ~ ~ ~ ’ ~ ~  has been i n  the  range  of operat ing 
c o n d i t i o n s  s u i t a b l e  f o r  prod= t i o n  of high-heating-value na tura l  &as 

Cases of about 903 3.t.u./SCF a r e  bes t  produced a t  hydrogen t o  o i l  
feed r a t i o s  corr;esponding appro:i ir i tely t o  the  s toichiometr ic  require-  
m n c s  f a r  aetnone formation. Lower f e e d  r a t i o s  r e s u l t  ir? excessive 
liqxid products forna t ion  and carbon deposi t ion,  and ’righer feed r a t i o s  
r e s u l c  i n  excessive bjdrogen d i l u t i o n .  3igh-heating-value gas produc- 
C ~ C I : ~  i s  also favored 5y hign pressures  and lorig residence times. mi- 
c.1 o?erat ing condi t ions f o r  a f l o v  r e a c t o r  a r e  1400’F. maxiinum tem- 

secczds  f o r  par i f f i ,n ic  o i l s  50 severa l  hundred seconds f o r  5he less 

e’couc l i 3  7 ~ 5 .  $ of che f’eedszock i s  converted to  l l q u i d  praducts con- 
-is ~ i n g  of lo:I-boiiinT a r o n a t i c  hydrocarbons. 
p i - o d ~ c ~ i ~ ~ ,  substantially 1o:ler p x s s u r e s  and residence times, and 
ni$iei7 Leapmatures and hydr.ozen feed r a t i o s ,  can be employed .3 

processes i s  c o n x o l  of carbon deposi t ion.  The t v o  continuous pr.ocesses 
curre!-tly being developed f o r  Fluid feedstocks use d i f f e r e n t  methods of 
over.conin5 cne normal carbon-forming Lendencies of  c m d e  and r e s i d u a l  
o i l s  6 u ~ i n g  hydrogenolysis. The E r i t i s h  Gas C o u n ~ i l l ’ ~ ’ ~  has used a 
f lu id ized  coke bed reac tor  t o  nandle carbon l a y d o m  of  somewhat l e s s  
than one-half of the  Conradson carbon res idue  of the  feedstock.  I n  the  
vork descr i3ed here ,  crude or r e s i d u a l  o i l s  w e r e  first subjected t o  a 
pretreatment  s t e p  e s s e n t i a l l y  equivalent  t o  many of t h e  hydrocracking 
processes now under deve lopment .2~8~15 Pretreatment over c o m e r c i a l  
cobal t  molybdate hydrogenation c a t a l y s t  ‘at 850°F. and 1500 p . s . i . g . ,  
converted these feeds t o  products with e i t h e r  n e g l i g i b l e  o r  g r e a t l y - r e -  
duced Conradson carbon residue,  and with s u b s t a n t i a l l y  lower C/H Wight 
r a t i o .  
poss ib le ,  the  higher-boi l ing f r a c t i o n s  contains-g the  carbon-forming 
cons t i tuents  were separated before  charging t o  the  hydrogas i f ica t ion  
r e a c t o r .  

Stildtes by.Dent and o t h e r ~ l ’ ~ ’ ~  of t h e  e f f e c t s  d operat ing var- 

York done a t  t h e  

suos t i t u ’e s .  

pera ‘-. b L ~ e ,  1-7 1500 p.s.i.g., and residence times ranging from about 1 0 0  

Ti?- _ ~ , c ; i v e ,  higher C,’X ;ie-iZkit r a t i o  o i l s ;  under these condi t ions,  only 

I n  low-heating-value gas 
b- 

. .  
,The m j o r  provlen i n  operat ion of high-pressure hydrogasif icat ion 

Wnen complete conversion i n t o  a d i s t i l l a t e  product was not  
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APPARATUS AND PROCEDUi 

The apparatus comprised hydrogen ard o i l  feed systems, prehydro- 
gena t ion  and hydrogas i f ica t ion  r e a c t o r s ,  product l i q u i d  recovery 
sec t ions  and a product gas m e t e r i s  system. 
presented i n  a prel iminary s tudy.  

Hydrogen was fed from s t o r a g e  cy l inders ,  replenished a t  i n t e r -  
v a l s  by compression of commercial-grade cy l inder  hydrogen. O i l  was 
fed  from a weigh vesse l  through a rec iproca t ing  proportioning pump. 
I n  a l l  runs,  o i l  and hydrogen were mixed and introduced a t  room t e m -  
pera t u r e  . 

The downflow prehydrogenator f o r  crude and res idua l  o i l  pre- 
treatment was constructed of Type 316 s t a i n l e s s  s t e e l .  I t  was 5-3/': 
inches i n  outs ide diameter,  j inches i n  i n s i d e  diameter,  and 40 inches 
i n  i n s i d e  length,  and was equipped a t  both ends wi th  Autoclave Zngin- 
e e r s  s e l f - s e a l i n g  c losures .  A themowell ,  3/8 inch i n  outs ide  diameter,  
extended concent r ica l ly  i n t o  the  r e a c t o r .  I n  some runs,  t h e  prehydro- 
genator  i n s i d e  diameter was reduced t o  2 inches by i n s e r t i o n  o f  a 
stainless s t e e l  s leeve,  35 inches i n  length .  

Vnen t h e  fu l l  volume of  the prehydrogenator was employed, the  re- 
: a c t a n t s  were passed through a 19-inch preheat zone of 3/3-'Lnch diaineter 

p e r i c l a s e  spheres before  e n t e r i n g  the  16-inch c a t a l y s t  j e d ,  composed o f  
equal  volumes of l/B-inch t a b l e t s  of a commercial cobal t  molybdate on 
alumina c a t a l y s t  and l /8-inch fused alumina p e l l e t s ,  r a n d o d y  mixed.  
:,/hen the s leeve vas used, a 20-inch c a t a l y s t  bed composed of undiluted 
1/8-inch cobal t  nolybdate t a b l e t s  was located i n  the  center  o f  the  
r e a c t o r  above a 9-inch zone f i l l e d  w i t h  3/8-inch diameter p e r i c l a s e  
spheres.  The Yeported feed o i l  space ve loc i ty  f o r  d i lu ted  c a t a l y s t  ;,;as 
based on the sum of the volumes of c a t a l y s t  and fused alumina charged 
(0.0353 c u . f t .  each);  for undiluted c a t a l y s t ,  i t  was based on a c a t -  
a l y s t  charge volume of  0.0353 c u . f t .  

The dowaflow hydrogas i f ie r  was constructed of 19-9i.L a l l o y .  It 
was 6 inches i n  outs ide  diameter ,  3 inches i n  i n s i d e  diameter,  and 35 
inches i n  i n s i d e  length .  A 3/8-icch diame2er thermovell exterided i n t o  
t h e  r e a c t i o n  zone. The v e s s e l  was equipped a t  the  t o p  with 3n Auto- 
c lave  Engineers s e l f - s e a l i n g  closure;  t h e  bottom consis ted of an in-  
t e g r a l  water-cooled t a i l p i e c e ,  which vas sealed wi th  a simple gasketed 
c losure .  I n  some of the tes ts ,  a s leeve s i m i l a r  t o  t h e  one used i n  the 
prehydrogenator vas i n s e r t e d  t o  reduce the i m i d e  diameter t o  2 inches.  
For  both the prehydrogena t o r  and hydrogas i f ie r ,  high-pressure conden- 
ser -separa tors  vere provided, frornwkich gases were continuously re- 
covered and l i q u i d s  i n t e r n i t t e c t l y  removed. 

A 100 c ~ . f t , / h r .  v e t - t e s t  meter ;ias used t o  measure product gas 
flow r a t e s .  A proport ional  sample of product gas vas co l lec ted  i n  a 
va te r -sea led  holder for a n a l y s i s .  

Reactor temperatures were sensed by Chromel-Alumel thermocouples, 
and pressures  3y Bourdon tube  gages. Temperatures %rere measured and 
recorded by meeans of a potent iometer  s t r i p - c h a r t ;  , reac tor  and o r i f i c e  
pressures  were a l s o  recorded.  

operated simultaneously,  w i t h  t h e  e n t i r e  e f f l u e n t  from t h e  prehydro- 
genat ion s t e p  passing t o  t h e  hydrogasif ier .  However;, t h e  p e r i d s  of 
adequate c a t a l y s t  performance a t  the high temperatures required f o r  
complete removal of carbon-forming mater ia l s  from r e s i d u a l  and low-&rade 
crude o i l s  were l i m i t e d  by c a t a l y s t  carbon deposi t ion.  Consequently, 
it appeared more p r a c t i c a l  t o  opera te  t h e  prehydrogenator a t  l e s s  
severe condi t ions,  and t o  s e p a r a t e  any high-boiling, asphaltene-contain- 
i n g  mater ia l s  from the  hydrogas i f ie r  - feed. This was simulated by pre-  

A flow sheet  'has been 

I n  i n i t i a l  t e s t s ,  t h e  prehydrogenator and hydrogasif ier  vere  
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hydrogenation, d i s t i l l a t i o n  of the  l iqu id  prod= ts ,  and hydrogasifi-  
ca t ion  of the 0O-36O0C. f r a c t i o n .  The hydrogen t o  o i l  feed r a t i o  t o  
the hydrogasif ier  was adjusted t o  account f o r  t h e  hydrogen consumed 
i n  prehydrogenation. 

Product gases ,  and 0°-1600c. f r a c t i o n s  of product l i q u i d s ,  were 
analyzed w i t h  a Consolidated Engineer iw Co. Model 21-103 mass spec- 
trometer. Other analyses were conducted i n  accordance wi.th standard 
ASTN methods, with t h e  following exceptions : prehydrogem t o r  product 
l i q u i d  500-gram d i s t i l l a t i o n s  were car r ied  out a t  atmospheric pressure  
using a procedure s i m i l a r  t o  ASTM Method D116G-56T;14 carbon and hydro- 
gen u l t imate  analyses were rade by combustion t r a i n ,  w i t h  the  Grace 
and Gauger modification7 of ASTN Method D271-44. 

Spec i f ic  g r a v i t i e s  and i d e a l  gas hea t ing  values were calculated 
from gas ana lyses .  Feed and product gas volumes and heat ing values 
were calculated a t  conditions of 60'F., 30 inches of 32'F. mercury 
absolute  pressure ,  sa tura ted  with water vapor. Spec i f ic  g r a v i t i e s  
were computed from the  average molecular weight of the dry gas ,  ard 
were based on a i r  of molecular weight 28.97. 

PROCESS CHARACTEXISTICS 

Selected prehydrogenation and hydrogas i f ica t ion  r e s u l t s  f o r  
cypical feedstocks a r e  shown i n  Tables 1-3 t o  i l l u s t r a t e  t h e  char- 
a c t e r i s t i c s  of t h e  process under the prefer red  opera t ing  condi t ions.  
The premium feedstocks,  kerosine and d i e s e l  o i l ,  required no pre- . 
treatment before hydrogasif icat ion.  The p r o p e r t i e s  of Aruba reduced 
crude were s u f f i c i e n t l y  improved by prehydrogenation t o  permit use 
of the t o t a l  product o i l  a s  hydrogas i f ica t ion  c'harge s tock.  The 
r e l a t i v e l y  low-grade Tapari to  crude o i l  s t i l l  nad a s u b s t a n t i a l  Con- 
radson carbon r e s i d u e  a f t e r  prehydrogeration, so t h a t  only the  oo-36o0c. 
d i s t i l l a t e  f r a c t i o n  was used a s  hydrogasif icat ion charge s tock.  Re- 
cycle of the residue f r a c t i o n  t o  e f f e c t  f u r t h e r  conversion to  d i s -  
t i l l a t e  was found to  be p r a c t i c a l .  Prehydrogenation r e s u l t s  f o r  Bos- 
can crude o i l  a r e  a l s o  shown to  i l l u s t r a t e  t h a t ,  a f t e r  f r a c t i o n a t i o n ,  
an acceptable  hydrogasif icat ion charging s tock  could be obtained from 
a c r u d s  o i l  feedstock t y p i c a l  of the lowest grade s u i t a b l e  for the 
process.  The prehydrogenation condi t ions used i n  obta in ing  t h e  data  
of Table 2 were determined t o  give p r a c t i c a l  on-stream periods of the  
comerc ia1  c a t a l y s t  used. 

Table j shows the  hydrogasif icat ion r e s u l t s  of t h e  d i s t i l l a t e  
and prehydrogenated o i l s  a t  about 1400'F. maximum r e a c t i o n  temperature 
and nydrogen t o  o i l  Teed r a t i o s  comesponding t o  the  s toichiometr ic  re- 
quirements f o r  methane formation. The d i s t i l l a t e  o i l s ,  and the  Go-36O0C. 
f r a c t i o n  of t h e  prehydrogenated Tapari to  crude o i l ,  d i d  not give carbon 
deposi t ion i n  t h e  hydrogasif ier ;  the wehydrogenated k u b a  reduced 
crude charge, which had a Conradson carbon r e s i d u e  o f  0 .41 w t .  $, d i d  
give a small carbon depos i t .  This suggests  t h a t  even small  amounts of 
object ionable  high-boi l ing f r a c t i o n s  i n  t h e  prehydrogenated o i l  should 
be removed t o  ensure carbon-free hydrogasif ier  operat ion.  

&cause of t h e  high r e a c t i v i t y  associated with i t s  low C/H weight 
r a t i o ,  kerosine gave r e s u l t s  comprable  t o  those of t h e  o ther  feedstocks 
a t  considerably less severe condi t ions;  keros ine  produced approximately 
900 B.t.u./SCF gas o f  high methane-plus-ethane content  a t  500 p.s  . i .g.  
and approximately 50 seconds residence t i m e ,  vhereas t h e  o t h e r  f'eed- 
stocks required a pressure  of 1500 p . s . i . g .  a t  a res idence t i m e  of 
approximately 300 seconds. The r e l a t i v e l y  high ethane content of the  
product gas from kerosine i s  t y o i c a l  of opera t ion  a t ,com a r  t i v e l y  
short  res idence times w i t h  para?f in ic  (low C / H  weighr; ra?ioT charging 
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Table 1. -PROPERTIES OF DISTILLATE OIL, FEEDSTOCKS 

Feed o i l  designation 
Specific gravity 
60O~. /60O~. 
O A P I  ' 

Viscosity, centistokes at 100°F. 
Ultimate analysis, u t .  ,% 

Carbon Fa?*n 
Ash 

Carbon/hydrogen w t  . ratio 
Distillation (ASTM D158-41), OF. 
Initial boiling point 
le% 

7% 

9@ 
80% 

End point 
Distillation residue and loss,a% 
Heat of combustion, B.t.u./lb. 

Kerosine 

44.2 
n.d. 

85.88 
14.05 
0.04 
n.d. 
6.11 

0.805 

466 
413 
42i 
429 
439 
450 
470 
518 

2 
19960, 

Diesel O i l  

0.838 
37.3 
2.862 

86.27 
13.50 
0.30 
0 .ooo 
6.39 

. 382 
452 
470 
486 
497 
507 
520 
536 
554 
580 
639 
2 

19730 

'I 

?Estimated from Reference 9. 
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Table 3.-HYDROGASIFICA!i'ION OF DISTELATE O I L S  AND 
PREKDROGENATED CKUDE AND FESLDUAL OILS 

Feed oil designation 
Run No. 
Oil rata, l b .  C/hr. 

of stoichiometrica 

Pressure, p . s . i . g .  
Temperatup, OF. 

Residence time sec.d 
Hydrogen cons&tlon, SCF/lb. 
Froduct recovery, wt. % of oil 
Product dlstribution, % 

AWI%ge 
Maximum 

+ hydrogen fed 

Gas 
Liquid 
Carbon 

Product gas yield, 
SCF/lb. 
~m/cu.ft. reactor-hr. 

Net thermal recovery, p 
Product gas pmperties 
Compsition, mole 5 
Nz + CO + CO. 
Hz 
c.5 c ZHe 
CSHe 
1-Butane 
Olefins 
Bnzene 
Toluene 
Total 

Heatlng value, B.t.u./SCF 
Specific pavity (air = 1) 

Total Oo-36O0C. Fraction 
. Prehydrogenated of Prehydrogenated 

Kerosine Mesel Oil Aruba Reduced Crude Tamrito Crude 
--mi- ug 
3.06 - f?50 1.50 

98 .o n .6? 
500 

1325 
1400 
51.0 
16.2 

103 - 5 

88.9 
11.1 
nil 

29.58 
90.4 

0.8 
38 .a 
40.5 
17 .I. 
0.4 
0.1 
1.0 
1.2 
0.1 m 
909 

0.495 

726.9 

99.9 
29.51 
1500 

1335 
1395 
301 
22.3 
101.7 

93.2 
6.8 
nil 

30.19 
362.8 
88.9 

0.4 
23.8 
69 -7 

5 . 3  

0.1 
0.7 

-- _- 

I m f i  
893 

0.482 

99-5 
31.13 
1500 

303 
23 -9 
99 .o 
91.1 
0.2 

29.20 
353.1 
80.1 

1.2 
24.7 

:.E5 

a -7 

69.7 
3.4 -- _- _ _  
1.0 

To75 
872 

0.478 

aStoichiometric for complete conversion of C + H Ln feed oil to wthana. 
%sed on average of temperatures measured at centers of three equal zones. 
CInterpolated value. 
dPased on dry product &es vulume a t  reactor pressure and average tes-.x?;ure. 
%Zct of combustion of Product ms - haat of combustion of feed hydroaen 

heat of combustton or feed oil 

100.3 
30.54 
1500 

1305' 
1395 
319 
22.6 

97.2 
91.0 
9.0 
nil 

29.28 
3 4.2 
30.1 

0.4 
27.2 
66.2 
5.4 
0.1 

0.7 

-- -- 

Tim5 
868 

0.466 

\ 

\ '  
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stocks.  The condi t ions employed f o r  d i e s e l  o i l ,  a l s o  a highly reac-  
t i v e  ma t e r i a l ,  a r e  somevhat more severe than required f o r  produc t'ion 
of a na tura l  gas s u b s t i t u t e ;  s a t i s f a c t o r y  r e s u l t s  have been obtaiced 
a t  approximately t v i c e  t h e  feed r a t e  (one-half  the residence time) 
than t h a t  employed i n  the  test reported i n  Table 3 .  

feedstock,  and cended t o  increase  v l t h  the  C/X iveight r a t i o  of the  
feedstock a t  comparable o2ekating condi t ions.  The conversion e f f i - .  
ciency of the process i s  ind ica ted  by net  thermal recover ies  O f  approx- 
i m t e l g  20 t o  906 under t h e  ty-pical process condi t ions of Table 3 ;  
;his parameter i s  a ineasure of t h e  f r a c t i o n  of the heat  of combustion 
i n  t h e  feedstock which i s  recovered i n  the product gas. 

Liquid product fornat',on vas on the order  of 1 0  wt. of the  

ZFFECTS OF PROCESS VARIAZLES 
7' ine  ~ o s t  e f fecc ive  cont ro l  over hydrogas i f ica t ion  product d i s -  

t r i j u t i o n  con be exerted wich the  hydrogen t o  o i l  feed r a t i o .  Tab le  4 
shovs t h a t  an increase i n  hydrogen feed r a t i o  from 50 t o  1005 of  
s t o i z h l o n e t r i c  reduced carbon formation from d i e s e l  o i l  from about 125 
or c k  t o t a l  veighz of o i l  and hydyogeen f e d ,  t o  e s s e n t i a l l y  zero; t h i s  
:[as sccozgonied by a s ign i f icant -  decrease i n  l iqu id  products f o m a  t ion .  
Sx.version t o  gas increased correspondingly.  Yne gaseous prod,uct d i s -  
tri3u.iior-i ( 2 i g w e  1) a l s o  changed considerably a s  1002 of s toichiometr ic  
feed r a c i c  vas  approached, sho1ving an  abrupt increase  i n  hydrogen break- 

: 

azd a more gradual incyease i n  ethane y i e l d .  
505 of s to ich iometr ic  feed r a t i o ,  there  vas l i t t l e  change i n  
pi-oduct d i s t r i b u c i o n  with increases  i n  r e a c t o r  pressure s i n c e  

ie eqi?imisr re thane-ethane-:riydrogen system was c l o s e  t o  equi l ibr ium 
a2 :he long residence times ecploged. 
feed r a s i c ,  ti= h igh  ethape y i e l d s  c h a r a c t e r i s t i c  of a l i p h a t i c  and 
a i i c j - c i i c  iiydrocaroon hydrogenolysis systems uere  obtained,  and the 
i lgdr~gen iutl l ized f o r  methane forination increased considerably v i t h  in -  
creases  -iii. m e s s u r e  and corresponding increases  i n  res idence time. 

Tr;e ab6ve r e s u l t s  r e f l e c t  the t r a n s i t i o n  froin c o n t r o l  by pyro lys i s  
reac t ions  a t  the  la.iest feed ratio, t o  cont ro l  by hydrogenolysis reac-  
cions a: che highest  feed r a c i o .  Tne l i q u i d  products  a l s o  r e f l e c c  t h i s  
:Tarsitic?.. The p m p o r t i o n  of benze7-e i n  the liquid products incr;easea 
v e o i l T 7  x i c h  f e e d  r a t i o ,  v h i l e  che propor;tion of higher-%ail ing a r o m t i c s  a- J .  vas  grea z l y  i-educed . 

FLsure 2 c o r r e l a t e s  gaseous product y i e l d s  from diesel  o i l  with 
residence ticie, a t  approximitely 100% of s t o i c h i o n e t r i c  feed r a t i o .  I t  
czn be seen t h a t  a t  res idence t i n e s  s u f f i c i e n t  f o r  completicn of t h e  
p r i n w y  g a s i f i c a t i o n  reac t ions  a s m i c a  ted by near ly  constant  net  g a s i f i -  
cation(z.%reiqht of product gas less veight  of feed hydrogen, both per  u n i t  
weight of feed o i l ) ,  the gaseous product d i s t r i b u t i m  vas not a f fec ted  
Py pressure over the 500-1700 p.s.i.g. range. T h i s  i s  c h a r a c t e r i s t i c  
of operat ing condi t ions ,vhere gas composition i s  pr imar i ly  determined 
by t h e  secondary, low molecular veight  p a r a f f i n  hydrogenolysis reac t ions  : 
Cn &n;~ + HZ +CH+ + Cn-1 Han, which appear t o  be pressure  i n s e n s l t i v e .  

F w t h e r  i n s i g h t  i n t o  t h e  na ture  of the  hydrogenolysis reac t ions  
can be gained from the da ta  of Table 5 on the e f f e c t  of temperature on 
conversion of the O0-3OO0C. f r a c t i o n  o f  prehydrogenated Tapari to  crude 
o i l .  Stoichiometr ic  hydrogen feed r a t i o  and 1500 p . s . i . g .  were employed, 
and the diameter of the hydrogas i f ie r  was reduced t o  2 inches t o  permit 
b e t t e r  temperature cont ro l  over a 1100°-14000F. range a t  four-fold 
var ia t ions  i n  o i l  feed r a t e .  Feedstock conversion t o  gas increased 
g r e a t l y  with increases  i n  temperature,  and increased only  s l i g h t l y  with 
increases  i n  res idence t i m e .  Low conversions t o  gas were accompanied 
by corresponding increases  i n  l i q u i d  products a d  s u b s t a n t i a l l y  lower 

A t  75 and IO@ of s toichiometr ic  

, .  
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Table 4.-EFFECTS O F  HYDROGEN FEED MTIO AND PREssm 
ON HYDROGASIFICATION OF DIESEL OIL 

Mrax. Temp.: 1j95°-14200F. O i l  Feed Rate: 1.47-1.54 Ib. C/hr. 
Reactor Dimensions: 3 in. Ins ide  Diameter, 0.145 cu.13. 

Pressure, p.s.1.g. 500 1000 1400 

5 of stoichlometric 50.0 75.0 100.1 51.6 73.2 100.4 4@ 73.7 99.9 
Residence time, sec. 153 131 99.5 aa 25h 196 375 301 

Ga s 72.3 85.7 90.4 76.2 86.5 90.8 76.6 88.5 93.2 
Liquid 15.9 12.1 9.6 11.5 12.2 9.2 11.2 9.7 6.8 
Carbon 11.8 1.2 nil 12.3 1.3 nil 12.2 1.8 nil 
0 -?LO C. frectiE 

';;t. 5 of total 45.6 54.9 62.4 52.8 54.2 75.4 49.1 58.5 82.4 
Bnzene content, mole 5 81.9 83.2 89.8 84.2 83.1 92.4 85.6 84.2 94.8 

160°C.-plus fractton 
Xt. 5 sf total ~ 53.1 44.4 36.6 46.1 45.1 23.4 49.9 40.4 16.5 ~ r i  vt. ratio 16.19 15.05 14.49 16.16 16.10 14.98 16.01 16.11 1h.57 

Hydrogen feed ratio, 

Product distribution, $ 

Progu gquld pro rtles 

r7 iable j.-EFFECTS OF REACTOR TEMPERATURF: AJLD O I L  t'EED FXPB 
O N  iZYDROGBiFICATiON OF 0 ~ - 3 6 0 ~ C .  FRACTION 

OF PREHYDROGEXATZD TAPAKLTO CRUDE 

Feed Ratio: 98.0-102.5g6 of s to ich iometr ic .  Pressure: 1500 p . s . i . g .  
Reactor Dimensions: 2 i n .  i n s ide  Diameter, 0.0644 cu.ft. 

Feed rate, lb. c/hr. 1.33 0.67 0. j4 
Residence time, sec. 150-190 290-3 0 620-750 
!;oximurn temperature, O?. 1100 1300 1kOO d 1100 1300 1400 
Product distribution, 6 
Ga 3 75.2 86.2 89.9 75.1 87.1 91.9 79.1 29.2 92.3 Liquid 24.8 13.8 10.1 24.9 12.9 8.1 20.9 10.8 7.7 Carbon nil nil nil nil nil nil nil n i l  n i l  

a, 21.8 14.3 9.7 20.9 14.3 9.1 17.3 10.6 6.2 
nt 4.1 10.9 18.7 5.2 12.7 20.3 5.9 15.0 21.6 

1.3 -- -- 1.1 -- -- C3He 
O t h e r  0.7 0.2 0.3 0.4 0.1 0.2 0.2 0.1 0.2 

0°-1600c. fraction 
!.it. $ of total 41.7 70.1 72.3 119.3 66.4 71.1 59.6 68.6 81.0 
bnzene content, mole $ 31.7 92.7 94.9 52.2 91.0 94.4 71.5 95.4 94.9 

lus  fractlor. 
of tote1 56.8 29.2 26.3 49.1 32.3 27.8 37.8 30.4 17.6 

ch i  wt. ratio 10.66 13.90 15.53 11.96 13.94 15.74 14.58 15.83 15.60 

Gaseous product ylelds, SCF/lb. 

C2Hs 2.7 5.1 1.8 3.3 4.5 1.1 3.7 3.3 0.5 
1.5 0.1 -- 

Product llquid properties 
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Figure 2.-EFFECTS OF RESIDENCE TIME 
ON GASEOUS PROWCT YIELDS FROM DIESEL O I L  
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aromat ic i ty  of  these  l i q u i d  products .  This was p a r t i c u l a r l y  evident 
i n  the highest  feed r a t e  run ( s h o r t e s t  res idence  t i m e )  a t  llOO?., 
where a s u b s t a n t i a l  breakthrough of  unreacted o r  p a r t i a l l y  converted 
feedstock was ind ica ted  by the  loii C/H weight r a t i o  o f  t he  higher- 
bo i l i ng  f r a c t i o n  of the  l i q u i d  products ,  ard t h e  low ’oenzene content  
of the lower-boilin& f r a c t i o n .  

The gaseous groduct d i s t r i b u t i o n s  i n  Table 5 c l e a r l y  show the  
sequence of paraf f in  hjdrogenolgsis r eac t ions  l ead ing  to the  forizat-ion 
of pLethane a s  the  u l t imate  product. A t  llOO°F., e thane formation was 
still increas ing  toward i t s  optimum value wi th  increases  i n  res idence 
time, whereas a t  1300’ and 1400’F., e thane formatton had passed i t s  
optimrn. A t  l i O O ° F . ,  propane formation hac? a l s o  passed i t s  optimum 
within the range of residence times inves t iga t ed .  These t rends a r e  
coxFnrable with the  r e s u l t s  of previous batch r e a c t o r  tests with low 
molecular ;.:eight p a r a f f i n  hydrocarbons which ind ica ted  t h a t ,  a s  t e m -  
pera ture  i s  increased,  fiiaxiaa i n  propane and ethane y i e l d s  a r e  ob- 
tained a t  approximately 1075O and 1200°F., respect ively.’* 

IN’iEEC-RAL PROCESS CONCEPTS 

T7.m hydrogen production schenes appear t o  be f e a s i b l e  f o r  app l i -  
ca t ion  i n  311 in tegra ted  hydrogen production-prehydrogenation-hydro- 
g a s i f i c a t i o n  process f o r  conversion of crude and r e s idua l  o i l s :  

1) Cata ly t ic  steam reforming of a po r t ion  of zhe product gas ,  v i t h  re- 

2 )  ? a r t i a l  ox ida t ion  (Texaco process4)  of prehydrogenator recyc le  o i l .  

T‘r.e florr diagrams of Figures 3 and 4, showing ma te r i a l  requirements 
1- 0 p a l l  streams, a r e  based on the  product ion o f  1 mi l l i on  SCF/hr. ne t  
p i2e l ine  c o s  from Tnpnrito crude o i l .  A t h i r d  i n t e g r a l  process  con- 
cept ,  not presented,  r~rould be a u t o t h e m i c  c a t a l y t i c  r e f o m i n g  of 
p ~ o d u c ~  gas vith steam and oxygen. 

I n  I.’igure j ,  the process  gas feed supply f o r  conventional ca t -  
e l y t i c  s team I;eforming i s  provided by an  i m r e a s e  i n  hydrogas i f ica t ion  
ci?,ocicy of about $7:: above t h a t  required f o r  the ne t  product gas y i e ld .  
Fuel requirenents  f o r  re forn ing  a r e  supplied v i t h  a po r t ion  of the  pre-  
h::.-dru?Sena >or recyc le  a i l .  

When p a r t i a l  ox ida t ion  of prehydrogenator recyc le  o i l  i s  used f o r  
hydrogen product ion (F igure  4), somewhat less f e e d  o i l  i s  requi red  and 
byproauct aromatics product ion and prchydrogenation and hydrogasif ica-  
t i o n  du t i e s  are s u b s t a n t i a l l y  reduced. Further, compression cos t s  are 
considerably lower, s ince  less make-up hydrogen and recyc le  hydrogen 
are used, and the pressure  l e v e l  of the hydrogen supply i s  higher  
(about 400 p . s . i . g .  compared t o  about 100 p . s . i . g .  f o r  the  reforming 
scheme). However, 276,000 SCF/kr. of oxygen must be suppl ied  from an 
ex te rna l  source. 

In the computations f o r  Figures  3 and 4 ,  a c t u a l  data from Runs 80 
ana 89 (Ta’des 2 and 3 )  were employed for the  prehydrogenation and 
5ydrogas i f ica t ion  s t e p s .  Published da ta  f o r  the Texaco p a r t i a l  oxida- 
t i on  s t e p  ilere used.* P r a c t i c a l  opera t ing  feed r a t i o s  of 3 moles of 
s tem per  mole of carbon t o  t’ix reforming ana s h i f t  s t eps  i n  Figure 3 ,  
and 2 moles of steam per  inole of  CO t o  the  s h i f t  s t e p  i n  Figure 4 ,  
were e a p l ~ y e d . ” ~ ~  For s impl i c i ty ,  complete conversion i n  the reform- 
ing  and s h i f t  s t e p s ,  and conplete  removal of COa were assumed. Other 
assur.gtions made i n  these  ca l cu la t i ans  a r e :  s a tu ra t ed  steam i s  a v a i l -  
ab le  a t  200 p . s . i . a .  through waste heat  recovery; f r e s h  crude o i l  en- 
ters a t  77PF.; reforming and prehea t  furnaces  a r e  7 j$ e f f i c i e n t .  

Assum-LnE: c o s t s  of $2.50/barrel of feed crude o i l  and $6.00/ton of 
oLuygen, and a crude aromatics  byproduct c r e d i t  of 1 0  cents /gal lon,  ne t  

foim.er f u e l  requirements suppl ied by prehydrogenator recyc le  o i l .  
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ROD. GAS 472 MCF/HR. CRUDE OIL 64,000 LWHR. 

STEAM 

M C F = 1 0 3 S C F ,  I W C F = 1 0 5 S C F  

In, lb./hr. Out, lb./hr. 
O i l  64,000 Product Gas 35,000 
S t e a m  53.900 C O 2  43,900 

Crude Aromatics 5,330 
117'90c O i l  f o r  R e f .  Fuel 10,200 

O i l  f o r  Prehydrog. Preheat 4, 700 
Water 18,000 
Loss 770 

117 > 900 

Figure 7.-HYDROGEN PROWCTION By 
CATALYTIC STE;2M EZEFORMTmG OF PROWCT GAS 
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STEAM 8500 LWHR.  C E  

02 276 MCF/HR. 

1 

IE OIL 58,900 LB./HR. 

I LBJHR. 

I C R ~ D E  
AROM. 

3620 LB./HR. 

MCF=103SCF, MMCF=lOsSCF 

In, 1 b . b .  out, Ib./hr. 
Oil 58,900 Product Gas 35,000 

Stezm to Texaco 8,500 Crude Aromatics 3,620 
02 22,900 CO2 67,600 

Steam to Shi f t  51,400 Carbon from Texaco 680 
141,700 Water from Texaco 4,800 

Water from Shift 25 , 700 
Oil f o r  
Preh-gdrog. Preheat 3,200 

Los 9 1,100 
141,700 

Figure 4.-HYDROGEN PRODUCTION By PARTIAL OXIDATION OF WWCLE 

J 

i 
I I 
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m a t e r i a l  c o s t s  of 55 and 60 cents /mil l ion B.t .u.  ne t  product gas were 
computed f o r  the  schemes of Figures  3 and 4 ,  respec t ive ly .  No es -  
t imate  of o t h e r  operat ing c o s t s ,  o r  of investment c o s t s ,  can be offered 
a t  t h i s  t ine.  
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PRODUCTION OF PIPELINE GAS By METEHTATION OF 
S!r!VEfESIS GAS OVER RANK NICXEL C.KTmSTS 

H. A. Dirksen and H. R. Linden 
I n s t i t u t e  of Gas Techqology 

Chicago, I l l i n o i s  

The technica l ly  most advanced method f o r  t'ne production o f  a high- 
heatinz-value (p ige l ine)  gas f ron  coal  comprises gas i f ica t ion  of t he  coal  
w i t h  s t e a ?  and oxygen t o  a low-heating-value sgnrhesis gas,  followed by 
ca t a ly t i c  conversion of the hydrogen and carbon monoxide content of t he  
purif ied synthesis gas t o  methane.1'23 The major e f f o r t  has been ex- 
pended on the  gas i f i ca t ion  s t e p  because of i t s  wide appl icabi l i ty .  
bed and sus;7ension gasii ' ication processes have been develo7ed t o  a p i l o t  
plant sca le ,  7 J 1 1 1 3  J 3 4  and some have been operated successfully on a 
comerc ia1  sca1e.15,17121'36 

The methanation s t ep  has a l s o  been s tudied extensively,  but much 
of <he  vork has been concerned with ca t a lys t  development and, therefore ,  
has involved small-scale experiment?. In s tudies  by t h e  B r i t i s h  Fuel 
Research and Gas Research Boards3" lo t h e  development of fixed- and 
;;l.oving-bed reac tors  has been s t ressed .  I n i t i a l l y ,  s tud ies  by the  U.S. 
Bureau of Mines 7 y 5 5  and t h e  I n s t i t u t e  of Gas Technologf3 were a l so  
conducted in r e l a t i v e l y  smail fixed-bed reac tors .  In these inves t i -  
gatLons, sup2orted n icke l  ca t a lys t s  were employed near ly  wlthout excep- 
t ion. 

The la rges t - sca le  fixed-bed methulation data f o r  t h e  production 
o f  high-heating-value f u e l  gas were resorted by Dent and Hebden,' who 
achieved near-equilibrium conversion of 3.6:l &,/GO r a t i o  synthesis  gas 
?or 3500 hours i n  a 9.5-Lrch diameter by 10-inch deep ca ta lys t  bed a t  
20 atmospheres, 2000 s t d .  cu. f t . / cu . f t .  ca ra lys t -hr .  f resh  feed gas 
s?ace veloci ty ,  and 6:1 recycle r a t i o .  A coimpregnated nickel-al-a- 
cnina clay ca t a lys t  was em?loyed. 

The design of large-scale  fhed-bed  reac tors  for essen t i a l ly  com- 
plete conversion of hydrogen and carbon monoxide t o  methane at  high 
t h r o u g h p c s  presents d l f l c u l t  engineerb-  problem. Large quant i t ies  
of exothemlc heat of reac t ion  must be removed without causing excessive 
temperature gradients  t o  occur i n  t h e  ca t a lys t  bed. 
e i the r  con?lex 'neat exchange equigment; in t h e  ca t a lys t  bed when a f l u i d  
coolar t  i s  used, o r  t h e  me of high product &as recycle r a t e s .  Ln both 
i -scances,  the  Lrvestment and o7erating cos ts  a r e  hign. 

a t ion  process because of t h e  high r a t e s  of k a t  transfer obta i iab le  with 
r e l a t ive ly  simple heat exchange equi-ment. The ease of  addi t ion and 
withdrairal of ca t a lys t  a l so  seemed t o  be a s ign i f i can t  advantage. How- 
ever, r e s t r i c t i o n  of the  possible range of operatir,g conditions by t h e  
f lu id iza t ion  cha rac t e r i s t i c s  of the sol ids-gas  system employed, and 
ca ta lys t  a t t r i t i o n ,  vere  recomized as major problem.  Further,  scale-  
up of fluid-bed reac tors  f o r  synthesis  operations ivas b o r n  t o  be d i f -  
f i c u l t l 6  and vas not f u l l y  demonstyated on a commercial sca le  until 
r e ~ e n t 1 y . l ~ ' ~ ~  

In 1954, t he  U.S. Buresu of Mines achieved sa t i s f ac to rv  f lu id-  

Fixed- 

This requires 

Fluid-bed reac tors  appeared t o  be b e t t e r  su i t ed  f o r  the  menthau- 

bed operation I n  a 1-inch diameter reac tor  with a part ia l1y"extracted 
Raney n icke l  ~ a t a l y s t ; ~ '  at tempts t o  u t i l i z e  fluid-bed i ron  ca t a lys t s  
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were not  successful,  and the  performance of supported n icke l  ca t a lys t s  
was found t o  be d i f f i c u l t  t o  r e ~ r 0 d u c e . l ~  Russian invest igators  have 
a l s o  reported high conversion capac i t i e s  of p a r t i a l l y  extracted Ranev 
n i cke l  ca t a lys t s  in fluid-bed o p e ~ a t i o n . ~ ’ ~  
methanation technique was, therefore ,  i n i t i a t e d  by t h e  I n s t i t u t e  o f  
Gas Technology a s  par t  of i t s  pipeline-gas-from-coal research program. 

EWERIMENTAL 

A systematic study of t h i s  

In a l l  of the  work reported here,  the  ca t a lys t s  vere  prepared by 
caus t ic  leaching of 40-200 mesh Raney a l loy  with a nominal composition 
of 42  wt.  $ n i c k e l  and 58 wt. $ a lWm.24’25  Synthesis gas was  pro- 
duced by ca t a ly t i c  steam reformFng of na tu ra l  gas in a tube furnace,20 
o r  by suspension gas i f ica t ion  of coa l  with steam and oxygen i n  a s l a g g h g  
downflow pressure reactor.34 F a c i l i t i e s  vere a l so  avai lable  t o  increase 
the  &/CO r a t i o  of synthesis gas produced from coal  from t h e  usual 1:l- 
1.5:1 range t o  3:l by c a t a l y t i c  conversion o f  CO w i t h  stem t o  form 
H2 and C02. In some instances,  COa from b o t t l e  storage vas added t o  
t h e  3:l &/CO r a t i o  reformed na tu ra l  gas t o  simulate t h e  composition of 
synthesis  gas from coal  after CO s h i f t  and before COa removal. 

Except f o r  a l imited number of tests of sulfur tolerance,  syn- 
thesis gas was purif ied,  by passage through f ixed  beds of i ron  oxide 
and ac t iva ted  carbon, t o  a sulfur content of less than 0.01 grain per  
100 SCF (standard cubic foot  a t  ~ o O F . ,  30 Fnches of mercury and satu-  
r a t ed  with water vapor), and genera l ly  t o  about 0.001 grain p e r  100 SCF. 
Deta i l s  o f  the analytical procedures f o r  determination and iden t i f i ca -  
t i o n  of sulfur compounds i n  synthesis  gas have beenapresented else- 

Three major methods of operat ion were employed i n  the  study of 
fluid-bed methanation of synthes is  gas over Raney nickel  ca ta lys t s :  

1. Catalyst  evaluation tests and process var iable  s tudies  i n  a 
ba t t e ry  of approximately 1-inch ins ide  diameter Dowtherm-jacketed re- 
ac tors  (Figure 1). The e f f e c t  of ca t a lys t  preparation on i n i t i a l  
a c t i v i t y  and t o t a l  methane production capaci t  
f i e d  synthesis gases of approximately 3: l  &A0 r a t i o ,  and el’ i ~ h e r  neg- 
l i g i b l e  o r  30 m o l e  $ average C02 content.  
10,000 SCF/cu.ft. ca ta lys t -hr .  space veloci ty ,  75, 150 and 300 p.s. i .g.  
reac tor  gressure,  and 100 cc. in i t ia l  a l loy  volume. (Space ve loc i t ies  
a re  based on the i n i t i a l  d r y  a l l o y  volume). 
a l so  made of the var iables  o f  synthesis gas &/CO r a t i o ,  synthesis gas 
CO2 and organic sulfur content,  space veloci ty  and operating pressure.  
Catalyst  bed temperature was cont ro l led  by adjustment of pressure i n  
the  Dovthem-jacket and re f lux  condenser, with the  Dowtherm maintained 
a t  the  boi l ing point by an e l e c t r i c  heater  surroui idbg the  jacket.  
Temperatures, although d i f f i c u l t  t o  maintain constant throughout t h e  
bed because of the high exothermicity of the react ion,  were normally 
within TOO0 -800OF. 

2. Capacity tests of a 6-jnch inside diameter p i l o t  plant  reac tor  
(Figure 2) .  Dowthem “A“ c i r cu la t ing  through an external  jacket and 
through six in te rna l  bayonets w a s  used t o  heat the  ca t a lys t  t o  reac t ion  
temperature a t  the start of operat ion,  and then, a s  increasing quanti-  
t i e s  of exothermic heat  of reac t ion  vere released, t o  remove heat from 
the  ca t a lys t  bed. This vas accomplished by controlling t h e  Dowtherm 
temperature between the  l M t s  of 750’F. (corresponding t o  a vapor 
pressure of 144 p.s.i.g.1 and 496OF. ( t h e  atmospheric boi l ing point)  
with a &as-fired heater upstream from t h e  reac tor ,  and a flash chanber 
and reflux condenser downstream from t h e  reactor .  The f lash  temper- 
ature was control led with a n i t rogen  back-pressure system. The high 
c i r cu la t ion  rate (30 gal./-.) allowed most of the  Dowthem t o  remain 
i n  l i q u i d  form. 

where.22>28>32 

was detemined with puri-  

Nominal test  conditions were: 

A systematic study was 

Purif ied synthesis  gas produced by ca t a ly t i c  steam 
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reforming of na tu ra l  gas was used as feed a t  pressures  up t o  190 p.s.1.g. 
After  a s e r i e s  of shor t  rests, comprising 177 hours o f  s teady-state  
o?eration ririth a batch of ca ta lys t  prepared from 0.343 cu.f t .  o f  a l loy ,  
t he  reac tor  was s l i g h t l y  modified t o  t h e  d e s i q  depicted i n  F igwe  2 
t o  perinit attainment of a synthesis  gas capaci ty  of 3000 SCF/hr. with 
a 0.5 cu. f t .  ca t a lys t  charge; i n i t i a l l y ,  t h e  cooling bayonets were 
constructed of 1/2-inch Schedule 40 pipe, t he  disengaging sec t ion  was 
s imller ,  and the  porous s t a in l e s s  s t e e l  gas f i l ters were a l so  smaller 
and located i n  a s ide off take.  

TTLloratory p i l o t  plant  tests of simulated integrated pipe- 
line-gas-from-coal operation involving the  process s teps  of a )  suspen- 
s ion  gas i f i ca t ion  of coa l  with s t e m  and oxygen t o  produce synthesis  
gas a t  a nominal r a t e  of 20,000 SCF/hr., b) preliminary purification 
v i t h  i ron  oxide f o r  bulk removal of hydrogen su l f ide ,  c )  tem2orary 
p res swe  s torage and withdrawal a t  3000 SCF/hr., d) adjustment of 
synthesis gas composition by p a r t i a l  carbon monoxide s h i f t  of a port ion 
of  the  synthesis  gas, e) f i n a l  Gurif icat ion with i ron  oxide and a c t i -  
vated charcoal t o  less than 0.01 graLt of sulfur per  100 SCF, and f )  
methanation over fluidized Raney n icke l  c a t a l y s t  i n  the  reac tor  depicted 
i n  Figure 2.  

3 .  

CATAIXST ?REPARATION AND HANDUXG 

The 42 vt. $ nickel-58 wt. $ aluminum a l l o y  was supplied by t h e  
R a m y  Catalyst  Corngang. The s t ruc tu re  of t he  crushed a l loy  is  shown in 
Figurs 3. T h e  highly f rac tured  condi t ion of t he  c a t a l y s t  p a r t i c l e  i s  
ty::ical of t he  material used ia t h e  t e s t  progran. The dark homogeneous 
regions are Mi2A13 (gama) phase, t h e  l i g h t  homogeneous regions a r e  
FiAls (be t a )  phase,and the  elongated mot-tled regions a r e  a fine-orained 
eu tec t i c  rnixture consis t ing of algha phase ( l e s s  than 0.05 w t .  $Onickel) 
a d  beta ghase. Metallographic s tud ies  of caustic-etched p a r t i c l e s  
shoved t h a t  t he  gama phase i s  more r e s i s t a n t  t o  a t t ack  than are the  
othe? t v o  phases, although x-ray analyses of caus t ic - t rea ted  a l loy  in- 
dicated t h e  presence of  a l l  of t h e  three  o r i g i n a l  phases even when the  
aluninim content had been reduced t o  5 wt. % o r - l e s s .  The na jor  pro- 
duct o f  caus t ic  leaching recovered i n  the  c a t a l y s t  vas iden t i f i ed  by 
x-ray as beta-alumina-trihydrate, and t h e  presence of small c r y s t a l l i t e s  
of a e t a l l l c  n icke l  was a l so  indicated when the  aluminum conversion by 
caus t ic  leachmg was substm-t ia l .  

Orginally, t h e  ac t iva t ion  procedure reported by t h e  U. S. Bureau 
of Nines was  e r n g l ~ y e d . ~ ~  
t h a t  an ac t ive  c a t a l y s t  could be prepared by extract ion,with d i l u t e  
caustic,of' only 3-5 $ of the aluminui.content, and t h a t  t h e  amount of 
alu!ninm reToved vas determined by a s toichiometr ic  re la t ionship  such as. 2 5  

It vas fu r the r  assumed t h a t  t h i s  procedure could be repeated a number 
of t i nes  t o  r e s to re  the  a c t i v i t y  of t h e  ca t a lys t .  

After development of t he  necessary ana ly t i ca l  techniques, it was 
shovn i n  t h i s  study t h a t  at  l e a s t  20% of the  aluminum had t o  be converted 
before s ign i f i can t  a c t i v i t y  f o r  t h e  methanation reac t ion  was ob tabed ,  
and t h a t  considerably higher conversions were required t o  produce a long- 
l i ved  ca t a lys t .  Further ,  the  presence of la rge  amounts of &L2O3*3&0 
in the  ex t rac ted  a l l o y  confirmed t h a t  i n  addi t ion  t o  Reaction (l), sodium 
a l m i n a t e  o r  d i r e c t  aluminum hydrolysis r e a c t i o n ~ _ o c c u r : ~ ~  

This procedure was based on the  assumptio.n 

2A1 + 2NaOR + 2&0- 2 N a f d O ~  + 3& (1) 

2NaA102 + 4&0 - A1203.3Hz0 + 2NaOH ( 2 )  

2A1 + 6 ~ ~ 0  - A1203-3H20 + 3H.2 (3) 
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Fig. 3.-MICROSTRUCTURF OF 42 WT.$ NICKEL - 58 WT.$ ALUMINUM AL;Loy 
( X  500)  

ALUMINUM CONVERSION BASE0 ON HYDROGEN EVOLUTION, "r. 

Fig. 4.-COMPOSITION OF RANEY NICKEL CATALYSTS 
PREPARED By CAUSTIC LEACHING AT C0NTROL;L;ED 

RATE AND AMOUNT OF HYDROGEN EVOLUTION 
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Efforts to reduce aluminum oxide formation under conditions allowln@; Only 
partial aluminum conversion were not successful. (In commercial Raney 
nickel catalyst p~eparation,~~ the alloy is added to an excess of con- 
centrated caustic which apparently favors aluminum removal as aluminate. ) 

verted to either aluminate or alumina, it was possible to follow the pro- 
gress of catalyst activation by measurement of hydrogen evolution. In 
the standard procedure for preparing laboratorg batches of catalyst, 
100 cc. (162 g.) of  42 wt.  $ nickel-58 w t .  $ alumhum alloy and 280 cc. 
o f  water were placed in a 2-liter three-neck flask. One neck of the 
flask held a mercury thermometer, the center neck held a reflux con- 
denser, and the third neck held a buret f o r  caustic or quench water 
addition. A wet-test meter was connected to the reflux condenser to 
measure the evolved hydrogen. 
agitate the alloy. Fifteen cc. of a 26 w t .  $ sodium hydroxide solu- 
tion was added, caushg hydrogen evolution to begin, accompanied by a 
large heat release. When the temperature reached tke boiling point 
after about 8 to 12 minutes, enough water was added to prevent flash 
vaporization, but not enough to reduce the temperature below the boil- 
ing point. The reaction was permitted to proceed at the boiling point 
until either an apparent 30, 65m 85% of alumbm conversion had 
occurred. 
of apparent aluminum conversion of 162 g. of alloy was evolved in 34 to 
42 minutes. 
addition of large amounts of cold water and the caustic liquid decanted 
from the wet catalyst. The catalyst was washed neutral to litmus and 
stored in methanol. 

Figure 4 shows the relationship between chemical analysis of the 
catalysts prepared in accordance with the standard procedure, and the 
percent of aluminum conversion indicated by hydrogen evolution. 
was necessary to further develop conventional procedures6J1s to make 
these analyses. The most reliable technique consisted of drying the 
sample by heating in a stream of dry hydrogen, and passing d r y  hydrogen 
chloride over it to volatilize the aluminua metal as aluminum chloride. 
The aluminum chloride was recovered, precipitated with ammonia, and 
ignited to the oxide. The residue from the hydrogen chloride treatment 
was boiled with nitric acid, and filtered. The residue from the fil- 
tration was ignited to obtain the quantity of al-a not dissolved by 
this treatment. The filtrate was diluted to volume; on one aliquot, 
alumina was determined by double precipitation with benzoate and igni- 
tion to the oxide; on another aliquot, nickel was determined by di- 
methylglyoxime. 

Batches of pilot plant catalysts were prepared only by the orighal 
activation method, which consisted of leach3 a suspension of the alloy 
in water at a maximum temperature of 120°-130 F. by slow addition of 
sufficient dilute sodium hydroxide solution to convert 5% of  the alum- 
inUm content in accordance with Reaction (1). 
vigorous hydrogen evolution stopped, and the catalyst was washed 
neutral to litmus and stored in water. No reliable analyses o f  pilot 
plant catalysts are available, since the analytical technique had not 
been f u l l y  developed at that time. 

The particle size distribution of the alloy used in the preparation 
of laboratory batches was standardized by combining indivi'dual screen 
fractions in the fixed proportions shown below; the screen analysis 
of the 0.343 cu. ft. of alloy for the original pilot plant batch is also 
given: 

Since 3 moles of hydrogen are evolved per 2 moles of  almhum con- 

A magnetic stirrer was used to slightly 

For example, the 2.88 SCF of hydrogen corresponding to 65% 
At the desired point , the reaction was quenched by the 

It 

After 4 to 6 hours, 

c 

3 
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Alloy Size Distr ibut ion,  W t . $  
Standard 

Laboratory P i l o t  Plant 
U.S.S. Sieve Charge Charge 

+40 0 1.2 
-40 + 60 15 15.8 
-60 + 80 15 10 .1  
-80 + loo 10 9.7 
-100 + 140 35 34.7 
-140 + 200 25 28.3 
-200 0 0.2 

I n  t h e  p i l o t  plant study, the  >repared ca ta lys t  was charged as a 
water slurry and, in the  majori ty  of the laboratory t e s t s ,  a s  a inethanol 
s lur ry .  
slurry w a s  used t o  avoid the  9 o s s i b i l i t y  o f  ca ta lys t  oxidation, which 
could r e s u l t  i n  c a t a l y s t  deact ivat ion.  
in to  t h e  reac tc r ,  it w a s  d r ied  i n  a stream of  nitrogen before ir-tro- 
duction of synthesis gas. The c a t a l y s t  temperature was raised t o  a 
l e v e l  not exceed- 650°F., which was s u f f i c i e n t  t o  i n i t i a t e  react ion 
of the  synthesis gas, causing f u r t h e r  temperature r i s e  rrhich had t o  be 
control led by adjustment of the Dowtherm tem2erature leve l .  Since t h e  
reac tors  vere shut down repeatedlg without change of the  ca ta lys t  charge, 
i t  vas necessary t o  s t o r e  t h e  c a t a l y s t  i n  t h e  reactor  under nitrogen. 
I n  case of extended tests which vere interruFted only teriporarily, such 
as by scheduled weekend shutdo$ms, the  ca ta lys t  temperatu-v vias reain- 
ta ined a t  400°-5000F. 

gave exceedingly poor rep-oducib i l i ty  of results. 
through t h e  porous stainless steel f i l t e r s  occurred in mit r ig  attempts 
t o  m a k e  an extended run; the p a r t i c l e s  escaping f r o m  the reactor  were 
very small and only a minor port ion could be recovered. 
occurrence which preceded an abrupt reduction i n  conversion capacity 
was l i f t i n g  of t h e  bed i n t o  the  disengaging zone and deposit on t h e  
filters, requir ing blow-back t o  reduce pressure; t h i s  frequently took 
place after a weekend shutdown. No s s e c i f l c  cause f o r  t h i s  t n e  o f  
f a i l u r e  could be e s t a b l i s h e a b u t  It was found t h a t  by making t h e  follow- 
ing revis ions i n  these procedures it was ;?ossible t o  grea t ly  inprove 
t h e  consistency of  the c a t a l y s t  perfornance data: 

Charging was done under a nitrogen blanket. Transfer as a 

After the  s l u r r y  had been charged 

I n  ca ta lys t  l i f e  tes ts ,  t h e  above charging and startur,  procedures 
Rapid.loss of  c a t a l y s t  

A comon 

1. 
2. 

3. Charge t o  uni t  under ni t rogen blanket. 
4. 

Store  in methanol f o r  not longer than 24 hours. 
Predry i n  nitrogen a t  250°F. for 2 hours t o  obtain free-flowing 

material. 

S t a r t  up s lovly w i t h  hydrogen as f l u i d i z l n g  m e d i u m  a t  
a2proxinately 1 f't ./sec. s u p e r f i c i a l  veloci ty ,  and gradually reglace 
hydrogen w i t h  synthesis gas after attainment of  the desired temper- 
a t u r e  and pressure.  

5. During interrupt ion of an extended t e s t ,  shut down i n  nltrogen 
a t  45OoP. and atmospheric pressure and start up with hydrogen a s  above. 

PROCESS VARIAEXZS 

A number of thermodgnamic analyses of the methanation react ion 
system have been nade3'971"23 i n  an e f f o e  t o  evaluate the influence 
of the  major operating var iables:  pressure, temperature and &/CO r a t i o ,  

i 
f' 

', 
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on the equilibrium conversion of the feed gas to methane, water vapor, 
carbon dioxide and carbon. In these analyses the chemical reactions: 

CO + Y& C H 4  + H20 ( 4 )  2co --* c + coz ( 7 )  

CO + &O 4 C O 2  + H2 ( 6 )  CK, 2H2 + C (9)  

. 2CO + 2H2 4 C H 4  + C 0 2  ( 5 )  CO + H2 -Hz0 + C ' ( 8 )  

were ea?loyed as the basis of the equilibrium product distribution 
calcylations. Under conditions of chemical equilibrium in the absence 
of carbon fomation,any two of the first three reactions will define 
ths system. !.men equilibrium carbon formation is to be included, one 
of the three carbon-forming Reactions ( 7 ) ,  (8) and ( 9 )  nust alsobe con- 
sidsred. The results of the various thermodynmic studies show that in 
the absence of carbon formation, nearly stoichiometric converslon of 
1:l to 3 : l  H2/C0 ratio synthesis gases to methane can be attained at 
650°7. and 25 atmospheres (353 2.s.l.g.); equilibrium =ethane yields 
decrease with increases in temperature and decreases in pressure, but 
remain reasonably high below gOOF. at pressures f r o m  1 to 25 atmospheres. 

of infomation on the nature of the carbon deposited on methanation 
catalysts. Standard thermodynamic data are normally based on carbon In 
the form of beta-graphiteZ7, whereas under actual experimental con- 
ditions the de?osited carbon may be in different forms, and, therefore, 
have different the.modfiianic progerties. For example, removal of ex- 
cessive carbon from the system may involve carbide formation with the 
rnstallic catalyst com9onent. 

Carbon dsposition boundary data based on equilibrium constants 
obtained from actual methanation reaction systems catalyzed by precipi- 
tated nickel' show substantially lower limiting feed gas &/CO ratios 
than Cr-ta based on beta-gra3hite.l4 For example, at 900°F., t'ne mininm 
H2/C0 ratios calculated from the experhental equilibrium data are 1.75: l  
at cze atmosphere, and 1 . 5 : 1  at 25 atmospheres. In coqarison, when 
bata-gra2hite is used as the form of carbon, the minimum &/CO ratios 
at 903'7. are 3.25:1 at one atmosphere, and 2 . 6 ~ 1  at 25 atmospheres. For 
the calculations based on experimental results, the limiting H2/C0 ratio 
dm?s to 1:l at ~ooOF., whereas for the beta-graphite data, freedom from 
c a b m  fornation is not indicated anyvhere in the low-temperature range 
below H*/CO ratios of 2 . 6 : l .  Addition of steam or C 0 2  to the feed gas 
lovers the 1Lnitit-g HJCO ratios. 

The prssence of CO2 in the feed also has the desirable tendency 
to sa9ress  hydrogen 'oreskthrough. For exanFle, if only the stoichio- 
metric relationship are considered, a 3:1 %/GO ratio feed gas could 
&ive methane yields rangb-g from 0 . E 5  moles to 0.25 moles/mole 
242 + CO, while cozglete CO conversion is mahtained. Thus, unless CO 
conversion via the COa-r'oming Reactions (5) or (6) is lb-ited by 
equilibrim hindrance, the actual methane yield m y  be substantially 
below the theoretically attainable level. 

with Raney nickel catalysts, a series of exploratory tests was made in 
the laboratory reactors. 
ratio and vaFious C 0 2  contents were methanated over catalyst charges 
wepared by leaching of 100 cc. of alloy wrLth dilute caustic f o r  more than 
4 hours. Pressure levels of 27, 75 and 150 p.s.i.g. were Investigated, 
which 3ermitted up to fourfold variations LI space velocity at constant 
superficial feed gas velocity. With purified synthesis gas produced by 
steam-oxygen gasification of coal (42-47 mole $ H2, 31-32 mole $ CO, 15-19 
mole $ C 0 2 ,  1-2 mole $ C H 4 ,  4-5 mole $ N2) comglete CO and nearly complete 

The calcalation of equilibrium carbon yields Is comglicated by lack 

To establish the range of suitable fluid-bed operating conditions 

Synthesis gases of about 1.5:l and 3 : 1 - & / C O  

1 '  
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& conversions were obtained a t  supe r f i c i a l  feed gas ve loc i t ies  up t o  
agprox-tely 0.7 f t . /sec .  
8000 SCF/cu. f t .  catalyst-hr .  a t  150 p.s . i .g .  A t  supe r f i c i a l  ve loc i t i e s  
below 0.3  f t . / sec . ,  carbon recoveries  in the  product gas tended t o  be 
low, possibly a s  a result o f  carbon deposit ion on overheated, incom- 
p l e t e ly  f lu id ized  ca t a lys t .  

Lr a se r i e s  of p a r a l l e l  tests with 2.8-3.4:1 &/CO r a t i o  synthesis  
gases containing only small amounts of  C O 2 ,  CH4 and N2, no si&nificant 
CO breakthrough was observed a t  space ve loc i t i e s  as high a s  9000 SCF/cu. 
f t .  catalyst-hr .  at 27 p.s . i .g . ,  and 15,000 SCF/cu. f t .  catalyst-hr .  at  
75 and 150 p.s.i.g. Sa t i s fac tory  operation in a l l  other  respects  was a l so  
obtained over a supe r f i c i a l  feed  gas veloci ty  range of 0.1-3.3 ft./sec., 
except f o r  one ins tancecfapparent  low carbon recovery i n  the  product 
gas a t  0 .1  f t . /sec .  and 150 p.s. i .g.  

In an addi t ional  series of t e s t s ,  the  e f f e c t  of 20-30 mole $ C O 2  
d i lu t ion  of 3.2-3.8:l &/CO synthesis  gas was invest igated a t  pressures 
of 75, 150 and 300 p.s. i .g.  A t  gas feed r a t e s  CorrespondFng t o  space 
ve loc i t i e s  of 7000-23,000 SCF/cu. f t .  ca ta lys t -hr .  and supe r f i c i a l  velo- 
c i t i e s  of 0.2-2.4 f t . / sec . ,  no s igni f icant  CO breakthrough was observed, 
and carbon recoveries in t h e  product gas were approximately 100%. 

The 1.049-inch ins ide  diameter reac tors  used in t h e  last series and 
in subsequent t e s t s  had approximately 60% more annular space t h a n  t he  
reactors  used i n i t i a l l y ,  s ince  the diameter o f  the  themowell  had  been 
decreased from 0.840 inches to  0.675 inches. A s  a result, ca t a lys t  bed 
depths and super f ic ia l  gas v e l o c i t i e s  a t  equivalent operating conditions 
were about 60$ of  the values with t h e  o r ig ina l  reac tor  design. T h i s  
was probably responsible f o r  an increase i n  the  maximum temperature l e v e l  
o f  t h e  ca ta lys t  bed from 65Oo-75O0F. t o  69Oo-79O0F. under conditions 
giving e s sen t i a l ly  complete CO conversion. 

i s  presented i n  Table 1. The data show t h e  expected t rend of increase 
i n  m e t h a n e  content, and decrease in hydrogen content,  of t h e  product 
gas as pressure i s  increased. A t  75 p.s . i .g . ,  there  was l i t t l e  sup- 
pression of hydrogen bre&through due t o  the  e f f e c t s  of feed gas C 0 2  
content. Rowever, a t  150 p . s . i .g . ,  subs t an t i a l  reduction in  hydrogen 
breakthrough was observed a t  t h e  lower space ve loc i t i e s .  A t  300 p.s. i .g. ,  
the  combined effect  of high pressure and presence o f  COa In t h e  feed 
gas resu l ted  i n  near ly  complete suppression of hydrogen breakthrough 
except a t  the  very high space ve loc i t i e s .  The tendency toward increases  
Fn hydrogen breakthrough with increases  Fn space veloci ty  f o r  t he  high 
&/CO r a t i o  synthesis gases w a s  not c l e a r l y  defined a t  a l l  pressure 
l eve l s ,  possibly due t o  var ia t ions  in feed gas composition. I n  the  
tests wLth the high C02-content 3:l &/CO r a t i o  gases there  was a s l i g h t  
reduction in t h e  quantity of CO2 leaving the  reac tor  compared t o  the  
quant i ty  enter ing.  

Although only some of t h e  product gases had CO concentrations 
readi ly  detectable  by t h e  ana ly t i ca l  procedures employed (mass spec- 
trometer supplemented by infrared ana lys i s ) ,  i t  appears t h a t  the  carbon 
monoxide s h i f t  reac t ion  CO + &O - C O a  + & c lose ly  approached equ i l i -  
brium in a l l  t e s t s ,  s ince CO concentrations o r  less than l m o l e  $, and 
normally as l o w  as 0.1-0.5 mole %, would give experimental equi l ibr ium 
constants consistent with the  theo re t i ca l  values.  

CATAIXSTFZRFOMCE . 

The important c a t a l y s t  performance var iables  a r e  a c t i v i t y  and t o t a l  
conversion ca2acitg. In t h i s  study, a c t i v i t y  i s  defined i n  terms of t h e  
percentage of t h e  synthesis  gas & + C O  content t ha t  is converted t o  methane 

This corresponds t o  a space veloci ty  of 

A summary of the average y i e ld  data  for these three se r i e s  of tests 
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Table 1.-EFFECT OF OPERATING CONDITIONS ON FLUID-BED 
METHANATION YIELDS RANEY N I C m  CATALYST 

C02-Contalnlng 1.5:1 H*/CO Ratlo Feed Gas 

Pressure, p.s.1.g. 27 

cat. -hr . 2200 
blolcs product gas/mole feed 0.56 
Moles water formed/mole feed 0.07 

Feed 
co2 16 51 
co 31 

4 7  4 

Space velgclty, SCF/cu. ft. 1200- 

Gas composition, mole $ - 
-- 

i 35 
5 10 

75 
2300: 

4400 
0.56 
0.07 

Feed 
16 52 
32 
46 2 
1 36 
5 10  

- 
-- 

Essentially C02-F’ree 3:l  Hr/CO Ratio Feed Gas 

Pressure, p.s.i.g. 27 
Space velocity, SCF/cu. ft. 1000- 
cat.-hr goo0 

Moles product gas/rnole feed 0.30 
bIoles voter formed/mole feed 0.23 
Gas composition, mole $ Feed 

6 -- 1 
24 

co2 
co 
H2 

N2 
CHg 

74 1 1 - 1 4  
0 78-75 
1 5 

COZ-Containing 3:l R2/C0 Ratio Feed Gas 

1 

f 

Pressure, p.s.i.g. 
Space velocity, SCF/cu. ft. 

Moles product gas/mole feed 
Moles uater formed/mole feed 

cat. -hr 

Gas composition, mole $ Feed 
co 2 27 co 16 
H2 56 
N % 2 

- 
0 
1 

aspace velocities outside this range gave 
covery in the product gas- or substantial 
beported Na content of product gases may 

75 150 

23,000 21,000 
0.115 0.45 
0.20 0.20 

8000- 7000- 

75 
1000- 

15,000 
0.30 
0.23 

6 

11 
78 

5 

-- 

Feed 
56 59-56 25 -- 17 

- 
-- 
5 2-5 57 

36 36 0 
3 3 1 

elther less than 90% carbon re- 
CO breakthrough. 
Include small percentage of CO. 

150 
3000- 
8000 
0.55 
0.07 

53 

1 
36 
1 0  

-- 

150 
1000- 

15,000 
0.27 
0.24 

5 

8 

5 

-- 
a2 

300 

17,000 
0.43 
0.21 

54 -52 

1-3 
42 
3 

7000- 

-- 



o r  methane equivalent: $ Fi2-C0 Conversion = 

les D r  Prod. Mole '$ C&-Equiv. $ C%-Xquiv 
[ k k e s  ET; Feed E) (in Dry Prod. G s s )  - ?le i n  Dry Feed GES 

Mole 3 ir, + CO i n  Dr 7~ -Teed Gas 100 

where the methane-equivalent i s  the sum of: mole percentage multi- 
plied by carbon ncmber f o r  each gaseous hydrocarbon. 
conversion t o  methane of any synthesis  gas In the 1:1-3:1 &/CO r a t i o  
range by the necessary combination of Reactions ( 4 )  and- (5)  , or ( 4 )  
and ( 6 ) ,  a value of 1005 would >e obtained. Lt ethane i s  a l s o  pro- 
dxced, the &-CO conversion based on the above def in i t ion  could s l igh t -  
l y  exceed 100%; however, the m a x i m m  value at  complete conversion of 
0.75:1-2.5:1 HJCO r a t i o  synthesis gases t o  ethane would be o r iy  I l k $ .  
The t o t a l  conversion capacity of the c a t a l y s t  is defined as the iJeight 
of n e t  methane equivalent per wit weight of o r i g i n a l  a l l o y  nickel  con- 
t e n t ,  o r  the volume of n e t  met'nane equivalent per u n i t  weight of 
or ig ina l  a l loy ,  produced by t h e  c a t a l y s t  during the period i n  which i t  
maintains 70% &-CO conversion or  more. 

S u l f i r  tolerance limits of standard fluid-bed Raney nickel cat-  
a l y s t s  prepared by 65 and 85% alumiiium conversion were determined 50 
e s t a b l i s h  synthesis gas pur i f ica t ion  requirements. In  L e s e  tests, 
C02-containing, 3:1 ZJCO r a t i o  synt'nesis gases having organLC s u l f i r  
ccntents (-7 in the  form of COS) of 0 . 5  t o  4 graFns per 100 SCF 
were nethanated a t  space v e l o c i t i e s  of 5000 t o  13,000 SCF/cu.ft . 
ca ta lys t -hr .  and 75 p . s . i .g .  
c a t a l p t ,  and continued u n t i l  most of the c a t a l y s t  a c t i v i t y  had been 
l o s t .  It was observed t h a t  the c a t a l y s t  a c t i v i t y  dropped rapidly t o  
less than 70 t o  80% &-CO conversion when the t o t a l  su l fur  exposwe 
a t ta ined  a leve l  of approximately 0.5 lb./100 Ib. of nickel .  
agrees qui te  w e l l  with similar su l fur  poisoning tes t  r e s u l t s  obtained 
in studles  with supported nickel  c a t a l j s t s .  35 It w a s  determined by 
measurement of I12S and organic su l fur  l ibera ted  from a poisoned cat-  
a l y s t  by ac id  treatment tha t  e s s e n t i a l l y  a l l  of the organic sulfur 
introduced in the course of a tes t  w a s  removed by the ca ta lys t .  From 
a l h e a r  extrapolation of these r e s u l t s ,  adequate ca ta lys t  a c t i v i t y  
could be expected f o r  about 1500 hours when a gas contaLn-g 0.01 
graLn of sulfur per 100 SCF is f e d  a t  a r a t e  of 10,000 SCF/cu.ft. 
catalyst-hr .  

Typical r e s u l t s  of a c a t a l y s t  l i r e  test  w i t h  pur i f ied  synthesis 
gas are given i n  Table 2 .  In t i s  test, H2-C0 conversion dropped t o  
approx-tely 80s in 1010 hours of operation at 75 p.s. i .g. ;  a t  tha t  
t h e ,  the pressure l e v e l  w a s  Lmreased t o  150 p . s . i . g . ,  Vnich resulted 
in an increase i n  Hz-CO conversion t o  a l e v e l  of zbout 90%. :-;onever, 
a f t e r  1300 hours of operation, t'ne Ha-CO conversion dropped t o  705 and 
the m iJas terminated. 
sured m d e r  methanol) was recovered, so the decrease of conversion 
capacity cannot be ascr ibed s o l e l y  t o  a c t i v i t y  loss. 

be desirable  f o r  use of the process as a source of a na tura l  gas 
suoplernent. This is  t -p ica1  of' operation at r e l a t i v e l y  low pressure 
and high space veloci ty  w i t h  a high H2/C0 r a t i o  synthesis gas. 
gas of a p p r o x b t e l y  900 B.t.u./SCF C02-free heat ing value was pro- 
duced f o r  about 500 hours in a slmilar run 31 which the pressure was  
maintained. a t  150 p.s. i .g.  through the e n t i r e  operating period. By 
ad:'ustment of the &fCO r a t i o  t o  ;;1Fni;nize hydrogen breakthrough, and 
reduction of the nitrogen content of Eye synthesis  gas, i t  i s  a l s o  
possible  t o  produce 900 B.t.u./SCP COa-free gas a t  75 p . s . i . g .  and 
10,000 SCF/cu. f t  . catalyst-hr  . space veloci ty  for l imited periods. 

A t  complete 

Sach test  w a s  made rrith a f r e s h  batch of 

This 

Only 45$ of the or ig ina l  ca ta lys t  volume (mea- 

The C02-free heating values shown i n  Table 2 are lower than would 

However, 
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Table 3 summarizes the  t es t  results f o r  f i v e  extended runs in 
vhich more than 1000 l b .  ne t  CH4-equivalent/lb. N i  vas produced. 
cluded a re  r e su l t s  of an ea r ly  t e s t  with a ca t a lys t  which was a c t i -  
vated by three  successive caus t ic  extract ions ($To. 25C). It can be 
seen t h a t  the conversion capac i t ies  obtained a f t e r  the  first two ex- 
t r ac t ions  were very small. Extended operation was possible o n l y  after 
most of the  alminum had been extracted.  This run vas discontinued 
voluntar i ly  before t h e  &-CO conversion had decreased t o  t h e  n i i m  
acceptable leve l .  In  a tes t  w i t h  another e a r l y  ca t a lys t  preparation 
(No. 33A) it was possible t o  obtain a t o t a l  conversion capacity of 2770 
lb .  ne t  CH4-equivalent/lb. N i  by successive pressure increases from 75 
t o  about 300 p.s . i .g .  The a t t r i t i o n  rate in t h i s  t es t  was the lowest of 
any com2leted so f a r ;  unfortunately, t h e  ana ly t i ca l  data f o r  Catalyst  
33A a r e  not r e l i ab le ,  s ince they were obtained a t  a tlme when t h e  pro- 
cedures were s t i l l  under development. For example, t h e  si,=ificant 
difference in the  composition of  f r e s h  and recovered ca t a lys t  was  not 
observed in the  three most recent tes ts  (Catalysts  66B, 59B and 59A2). 
It has a l so  not been possible  t o  reproduce t h e  composition o f e e s h  
Catalyst  33A, which shows an unusually high n icke l  and low alms con- 
t e n t .  

On the  bas i s  o f  t he  da ta  of  Table 3, a t  the current ly  quoted cost  
of 90 cents  pe r  l b .  for pulverized 42 w t .  $ nickel-58 1 . .  $ alminum 
Raney a l loy  i n  25,000 lb .  a l loy  cos t s  per 1000 SCP of methane- 
equivalent would be in t h e  range of 3 t o  6 cents ,  ass&& no nickel  
c r e d i t  for the  sy;ent c a t a l y s t .  If these results could be duplicated 
on a comerc!.al scale ,  ca t a lys t  costs  should not be a major f ac to r  i n  
determining the f i n a l  cost  of producing pipel ine gas f r o m  coal  v i a  the 
methanation process .le 

Ln- 

PILOT PLANT TESTS 

The fluid-bed 2 i l o t  u n i t  was o-3erated in te rmi t ten t ly  over B period 
of  ten  months w i t h  t h e  o r ig ina l  0.343 cu. f t .  sharge of caustic-extracted 
42 w t .  $ nickel-58 wt.  $ aluminum Raneg ca t a lys t .  Nine runs with 
s teady-state  2ariods ranging from 7 t o  47-1/2 hours were made with a 
cumulative s teady-state  operating period of  177 hours. During t h i s  time, 
a2proxhate ly  47,000 SCF of net  methane-equivalent, corresponding t o  
125 lb./ lb.  N i ,  were produced. 
of  runs a re  given i n  Table 4 .  

a bulk densi ty  of approximately 110 lb./cu. f t .  
change during extract ion,  t he  s t a t i c  bed height i n  t h e  reactor  would have 
been approximately 2 feet .  It appears f ron  t h e  terqerature  pat terns  
observed i n  t h e  reactor  a t  t he  hlgher feed rates t h a t  t h e  ac tua l  Sed 
height during operation was approxha te lg  3 f e e t .  

o r  more  fed a t  t h e  bottom of t h e  reac tor ,  and t h e  reminder  a t  t he  18- 
inch l eve l .  Pressure l eve l s  i n  t h e  reac tor  were general ly  increased 
with increases  Fn feed r a t e ,  so tha t  t he  suDerf ic ia l  bottom feed gas 
ve loc i ty  was maintained i n  the  0.2-0.6 ft./sec. range (calculated on t h e  
basis o f  i n l e t  temperature, r eac to r  pressure and cross-sect ional  area o f  
t h e  ernJty,reactor) .  
and pressure were increased, i t  was necessary t o  increase the  ca t a lys t  
bed temoerature from amroximatelv 700'F. a t  mace ve loc i t i e s  of l e s s  

Typical operating data from t h i s  s e r i e s  

The  a l loy  used i n  t h e  preparation o f  the  p i l o t  plant  ca t a lys t  had 
Assuming no volune 

The feed gas was introduced through t h e  two lower inlets,  w i t h  2/3 

To mi iy ta ln  product gas qua l i ty  as throughput r a t e  

i 

than 1000 SCF/cu. f t .  catalyst-hr". t o  gOO°F. a t  space ve loc i t ies  of 
5000 t o  6000 SCF/cu. f t .  ca t a lys t -h r .  

\ 
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Complete CO conversion was obtained over the e n t i r e  range o f  
s2ace ve loc i t i e s  invest igated,  and H2-CO conversions were nomal ly  above 
905. 
sna l l  changes i n  feed gas H2/C0 r a t i o .  
very c lose  t o  equilibrium ~ a l u e s ~ ’ ~ ~  calculated on the  basis of Re- 
act ions ( 4 )  and ( 6 ) ,  except vhen ca t a lys t  a c t i v i t y  l i a i t e d  -&-CO con- 
version a t  hign space ve loc i t ies  and r e l a t i v e l y  low tz-llperatures. R e -  
duction i n  teinperature of approximately 7O0F. belo1.r t h e  l eve l  necessary 
t o  maintain equilibrium conversions resu l ted  in a s igni f icant  increase 
i n  R2 breakthrough, COa formation, and t o t a l  dry product gas volume, 
accoinganied by a decrease i n  CH4 concentration (compare t h e  two test  
periods reported f o r  Runs P-11 and P-15). 
bined oxygen ( C O 2 )  and free , hydrogen i n  t h e  product gas were balanced 
by dec-reased water fomzt ion .  A t  tem9eratures high enough t o  maintain 
adequate ca t a lgs t  a c t i v i t y  t h e r e  was l i t t l e  net  carbon dioxide fornat ion.  

The ca t a lys t  bed temperature increase with increases  in throvgh- 
nut rate vas ascom3anied by a decrease i n  DovLknem i n l e t  tem9eratdre 
from a>?roxirnately 700°F. t o  6 0 0 ~ ~ .  
to  renove t h e  exothermic h e a t  of react ion a t  t he  lover  spa-ce ve loc i t ies  
under e s sen t i a l ly  i so themal  conditions,  whereas a t  t h e  high through- 
gut r a t e s  a temperature difference o f  a q m x i a E t e l y  300°F. between 
the ca t a lys t  bed and the  Dovtherm was required.  For a heat of react ion 
of approxLmately 100,000 B . t  .u./pound-mole of methane (equivalent t o  
a?proxinately 65 B.t.u./SCF of if2 + CO converted),  and assuming an 
ac tua l  ca t a lys t  bed height of  3 f e e t  equivalent t o  a heat t r ans fe r  
area of 8.7 sq.  f t . ,  the overa l l  heat t r ans fe r  coef f ic ien t  between the  
ca ta lys t  bed and t h e  c i rcu la t ing  Doirthem w a s  on t h e  order of 50 B.t.u./ 
hr.-sq.  ft.-OF. It i s  e s t h a t e d  t h a t  the ove ra l l  coef f ic ien t  f o r  the 
cooling bayonets vas actuaLly on t h e  order of 100 3. t .u./nr. -sq.f t .  -OF.  
because of t h e  lower Dovtherin film res i s tance  a t  the  high f l o w  r a t e s  i n  
the bayonets a s  com;saied t o  t h e  jacket .  

The  t e s t  progran v i t h  the o r ig ina l  charge of ca t a lys t  vas d i s -  
continued because of excessive pressure drags through tae reac tor .  In-  
spection of the  reac tor  of f take  sec t ion  shoved t h a t  t h e  four 1-1/2 x 
9-inch ?orous s t a i n l e s s  s t e e l  gas f i l t e r s  were clogged v i t h  a considerable 
quantity of ca t a lys t  f i nes .  Since this condition was probably aggra- 
vated by the  off take desi-m and inadequate f i l t e r  a rea ,  these equipment 
corngonents were modified by t h e  addi t ion  of a lb-inch d i m e t e r  x 2 -  
foot sec t ion  t o  t h e  disengaging zone. T h i s  sec t ion  housed f o u r  3 x 18- 
inch i2orous s t a in l e s s  s teel  f i l t e rs  vLth a combined area three  t i n e s  a s  
la rge  a s  t ha t  or” the  o r ig ina l  i n s t a l l a t i o n .  

I n  addi t ion,  the  1/2-;lch Schedule 40 cooling bayonets were en- 
larged t o  3/4-inch Schedule 40 pipe t o  give an increase of aGproxi- 
mately 25% i n  the  cooling surface t o  ca t a lys t  volume r a t i o  (17.0 sq. 
f t . /cu.  f t .  t o  21.1: sq. f t . / cu .  f t . ) .  The  gas i n l e t  system was a l so  
enlarged t o  reduce t h e  high pessure drop encountered a t  the  higher 
gas r a t e s .  It vas hooed t h a t  these char--es vo-dd permit attainment of 
t h e  nominal 3000 SCFfnr. spthesis  gas casac i tg  des i red  f o r  integrated 
p i lo t  p lan t  operation. 

The modified reac tor  vas operated a t  a p p r o x h t e l y  100 p.s . i .g .  with 
a ca t a lys t  charge consis t ing of anproximately 1/3 recovered ca ta lys t  from 
t h e  preceding test  period, and 2[3 of ca t a lys t  prepared by t h e  o r ig ina l  
FrocedLwe, which had been s tored wder water f o r  near ly  one year. The 
t o t a l  ca t a lys t  volume, measured under ?,rater, was a p p r o x b t e l y  0.5 cu. 
f t .  I n  tT?o runs t o t a l l i n g  44 hours o f  s teady-state  operation with 
&/CO r a t i o  synthesis gas produced b 
r a t e s  ranging from 1400 t o  3300 SCF/&. vere invest igated.  

Some of the  var ia t ion  i n  t h e  &-CO conversions was t h e  r e su l t  of 
The prodKct d i s t r ibu t ion  tms 

The increased anounts of com- 

T h i s  ind ica tes  t h a t  it vas possible  

r e f o m s  of  na tura l  gas, .feed gas 
Gases of 
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about 900 B.t.u./SCF and 8 4  mole $ C& content were produced up t o  
the  highest  feed r a t e ,  confirming t h a t  the  desired capacity of t he  
reac tor  could be a t ta ined .  
a r e  given in the  last two colunns of Table 4. They indicate sub- 
s t a n t i a l l y  lower hydrogen breakthrough, and somewhat highel- &-CO 
conversion, than were obtained with the  o r ig ina l  ca t a lys t  charge 
and reac tor  design. 

a p rac t i ca l  fu l l - sca le ,  dense-phase fluid-bed methanation reac tor  can 
be designed f o r  high-capacity, one-pass operation, although such a 
reac tor  will have a r e l a t i v e l y  shallow ca ta lys t  bed. For example, 
a t  t yp ica l  operat Conditions of 1 f t . / sec .  supe r f i c l a l  feed gas 
veloci ty ,  5000 S C z u . f t .  ca ta lys t -hr .  feed gas space veloci ty ,  300 
p.s. i .g. ,  750°F. ca t a lys t  bed temperature, 55OoF. coolant temperature 
and a t  a heat t ransfer  coe f f i c i en t  o f  100 Btu/hr.-sq.ft.-OF, a 10-foot 
diameter methanation reac tor  would require  about 2500 1-inch tubes f o r  
heat  removal, and would contain an unexpanded ca t a lys t  bed about 6.6 
f t .  deep, equivalent t o  an unewanded ca t a lvs t  volume of 360 cu . f t .  
Such a reac tor  would handle a synthesis  gas rate of about 1.8 mi l l ion  
SCF/hr. corresponding t o  a methane  production rate of about 450,000 
SCF/hr., o r  over 10 mi l l ion  SCF/day. Lean-phase f lu id i za t ion  may give 
more f l e x i b i l i t y  o f  operation; each of t h e  two reac tors  constructed by 
the M .  W. Kello Company f o r  SASOL i n  South Africa reportedly handles 
9.5 mi l l ion  SCFZr. of synthesis  &as a t  5000 tons/hr. ca t a lys t  c i r -  
cda t ion .17  

Typical run data f o r  t h e  modified reac tor  

On t h e  basis of these p i l o t  plant  test  r e su l t s ,  it appears t h a t  

IDlTEGRATED PIPELIDE-GAS-FROM-COAL O R B A T I O N  

The process s teps  shown i n  Figure 5 vere invest igated in a - number of exploratory runs. Although only short  on-stream periods 
vere possible  because of rap id  ca t a lys t  failure, the indicated operating 
conditions and re su l t s  should be representat ive of those a t t a inab le  in 
steady-state  operation. The ca t a lys t s  used in these runs were prepared 
before t h e  act ivat ion,  handling and s t a r tup  procedures described i n  the  
preceding sections had been developed. Catalyst  f a i l u r e  appeared t o  be 
the  r e s u l t  of a t t r i t i o n  o r  d i s in tegra t ion ,  which caused l i f t i n g  of the 
bed i n t o  t h e  disengaging and f i l t e r  zone of the reactor,where severe 
overheat- occurred. 

The design and operat ion of  t he  suspension coal  g a s i f i e r  have been 
f u l l y  described elsewhere.34 However, t h e  use of COa ins tead of a i r  
t o  pressurize  the coa l  feed tank was a departure from the  previous pro- 
cedure, necessi ta ted by the  requirement f o r  a low ~ T J B  content of the  
synthesis  gas when a high-heating-value product gas i s  desired.  In t e r -  
mediate p a r t i a l l y  pur i f ied  synthesis  gas s torage was provided, since the  
generat- capacity under t h e  preferred operating conditions i s  20,000 
SCF/hr. f o r  l imited on-stream periods,  whereas t h e  nominal capaci ty  of 
t h e  remainder of the  p l an t  is  3000 SCF/hr. 

One of the  major problems of in tegra ted  operation Invest igated 
i n  t h e  exploratory p i l o t  p lan t  %ests was synthesis gas pur i f ica t ion .  
The use of fbed-bed  i ron  oxide pur i f ica t ion  ( 9  l b .  FezOs/bushel) f o r  
bulk &S removal, and of separate  COa removal from the  methanated gas, 
i s  probably uneconomical in comparison t o  hot carbonate, ethanolamine 
o r  Rect i so l  scrubbing of t h e  r a w  synthesis  gas f o r  combbed ILS, COZ 
and p a r t i a l  organic sulfur 1 9 2 s ' 3 7  However, the  scheme 
employed here  has t h e  advantage of allowing COa t o  remab i n  the  pur i f ied  
synthesis  gas,  which'is bene f i c i a l  f o r  two reasons: first, it inh ib i t s  
hydrogen breakthrough and carbon formation, and second, i t  provides a 
d i luent  as a heat sink f o r  some of t he  exothermic heat of reac t ion  with- 
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out the  use of gas recycle.  Further ,  i n  r e l a t ive ly  small-scale oper- 
a t ion ,  t he  highly e f fec t ive  t rouble-free and w e l l  known i ron  oxide 
purif icat ion technique appeared preferable  from p rac t i ca l  consider- 
a t ions .  

The organic su l fur  (COS and CS2) concentration of 10 graFns/100 
SCF used i n  Figure 5 i s  only nominal, s ince it varied considerably with 
t h e  su l fu r  content of t he  coal .  I n  one tes t  w i t h  a 4 w t .  $ sulfur con- 
t e n t  bituminous coal, t h e  raw gas after bulk &S removal contained 26 
grains  of  organic sulfur per 100 SCF; sa t i s f ac to ry  operation o f  t h e  
purif icat ion system a t  3200 SCF/hr. feed r a t e  vas s t i l l  obtaa-ed. How- 
ever,  in view of  t h e  l imi ted  ca?aci ty  of activated carbon f o r  organic 
su l fu r  removal a t  high p a r t i a l  pressures of C02,30 it would have been 
desirable t o  reduce t h e  load o n  t h e  carbon t o w e r s  by t he  addition of 
another conventional pur i f ica t ion  s t e p  for se lec t ive  ca t a ly t i c  conversion 
of COS and CS2 t o  &S by hydrolysis and hgdrogenation.13 With t h e  scheme 
sho1.m i n  Figure 5, t h e  synthesis  gas bypassing t h e  CO s h i f t  reac tor  had 
the  o r ig ina l  organic sulfur content,  although the  remainder contaliied 
on ly  a small amount, s ince COS and CS2 conversion proceeds shu l t aneous ly  
with cata1ytL.c CO s h i f t .  The  r e su l t i ng  reappearance of &S was eas i ly  
handled by a second set  of small  i ron  oxide towers. 

The f i n a l  COa removal s t e p  shown i n  Figure 5 had not yet  been put 
i n t o  operation when the  p i l o t  p lan t  program vas interrupted t o  overcome 
ca t a lys t  problems. I n  prac t ice ,  it is  unl ikely tha t  monoethanolamine 
scrubbbg would be com?etitive with o t h e r  processes, such a s  hot car-  
bonate, a t  the  high C02 concentrations and pressures 

CONCLUSIONS 

The technical  f e a s i b i l i t y  of a pipeline-gas-from-coal process 

Eowever, 
u t i l i z i n g  a fluid-bed, p a r t i a l l y  extracted Raney nicke l  alloy- ca ta lys t  
f o r  the  synthesis  gas methanation sr;ep vas dexonstrated. 
rapid mechanical de te r iora t ion  of t h i s  ca t a lys t  occurred frequent ly  
without a clear indicat ion of the exact causes. This problem was over- 
come on a laboratcry reac tor  sca le  by carefu l  cont ro l  of t h e  caus t ic  
leaching s t ep  employed f o r  ac t iva t ion  of t h e  a l l oy ,  by predrging of t h e  
ca t a lys t  t o  insure a free-flovLng, readi ly  f lu id i zab le  charge, and by 
s l o w  s ta r tup  i n  hydrogen. Boriever, successful use of these techniques 
i n  the  operation of a a i lo t -p l an t - sca l e  reac tor  h a s  ye t  t o  be demon- 
s t r a t ed .  I n  grocess var iables  s tud ies ,  the use of C02-containing, 3:l 
B&O synthesis gases was shown t o  have a benef ic ia l  e f f ec t  on &.-CO 
conversion t o  methane under operat ing conditions where the  ca t a lys t  
a c t i v i t y  was suf f ic ien t  t o  permit c lose  approach t o  equilibrium of t h e  
CH+-COa-&O-CO-% system. Organic sulfur tolerance of the ca t a lys t  a t  
high contamination leve ls  was approximately 0.5 lb./L00 lb .  of n icke l ,  
ind ica t ing  t h e  need f o r  purifying synthesis  gas t o  a su l fu r  content of 
less than 0.01 grain/lOO SCF if ac t ive  ca t a lys t  l i f e  is not  LO be 
l imi ted  below a prac t ica l  economic leve l .  The t o t a l  ca t a lys t  conversion 
CaDacity with purif ied s y n t h e s i s  gas a t  10,000 SCF/cu. f t .  ca ta lys t -hr .  
synthesis  gas space velocity,and operatlng pressures of 75-150 p.s.i.g., 
was approximately 20,000 SCF of methane/lb. of o r ig ina l  Raney a l loy ,  
o r  2000 lb. 
ca t a lys t  l i f e  of 1000-1500 hours and an o r ig ina l  a l loy  cost  on t h e  
order  of 5 cents/1000 SCF of methane. Slnce general ly  less than h a l f  
of the  ca t a lys t  was recovered a t  t he  end of a t e s t  of  t h i s  durat ion,  
it appears t h a t  ca t a lys t  l i f e  was limited by a t t r i t i o n  rather than by 
deact ivat ion.  

of methane/lb. of n icke l .  This corresponded t o  an ac t ive  
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PRODUCTION OF PIPELINE GAS BY HIGH-PFZSSm, 
FLUID-BED HYDROGASIFICATION OF CHAR 

E. J. Fyrcioch and H. R. Linden 
I n s t i t u t e  of G a s  Technology 

Chicago, I l l i n o i s  

Production of high-methane-content .pipekine) gas by direct  hydro- 
genation of coal or low-temperature chara 9714'15 has three major 
advantages over the two-step p a r t i a l  coal oxidation-synthesis gas methan- 
a t ion  process:1913 large reduction, or po ten t ia l  elimination, of oxygen 
requirements; elimination of the extreme synthesis gas purif icat ion 
requirements pr ior  t o  ca ta ly t ic  methanation; and greater thermal e f f i -  
ciency through reduction of exothermic heats of reaction. Complete 
feed u t i l i z a t i o n  w i l l  r e s u l t  ir less than half of the more reactive 
coal o r  char consti tuents i s  hydrogasified and the residue i s  used as 
a source of hydrogen. However, essent ia l ly  complete hydrogasification Of 
l ign i tes  and some subbituminous coals may be feasible; hydrogen could 
then be produced by the reforming of a portion of the product gas or 
the primary natural  gas supply. , 

In e a r l i e r  phases of t h i s  investigation, ' l4 it vas demonstrated 
in batch reactor t e s t s  tha t  gases containing 60-80 volume $ methane 
could be produced by hydrogasification of the lower-rank coals a t  
1350'F. a d  2500-4000 p.s. i .g.  By adjustment of hydrogen-coal ra t ios ,  
gasifications on a moisture-, ash-free (MAE) basis up t o  80 w t .  5 were 
obtained w i t h  bituminous coal, and over 90 w t .  $ w i t h  l i@te.  HOW- 
ever, the residnes from bituminous coal hydrogasification were severely 
agglomerated. A s  t h i s  would hinder smooth operation of a continuous 
hydrogasjfication reactor,  a pretreatment s tep  yielding nonqglomer- 
atinng, reactlve chars was needed. Optimum r e a c t i v i t y  and subs t an t i a l  
reduction of agglomeration tendencies of bituminous c o a l  were obtalned 
by r luidized pretreatment i n  air and nitrogen f o r  about one hour a t  
a mzrimurn temperature of about 6 0 0 ' ~ ;  pretreatment with steam as the 
f luidizing medium did  not reduce agglomeration tendencies t o  the same 
extent, and pretreatment with carbon dioxide produced chars with the 
ni&hest agglomeration tendency and a l s o  lower react ivi ty .= Lignite, 
althoush essent ia l ly  nonagglomerating during hydrogasification, w a s  
benefited by elimination of COa; r e a c t i v i t y  was only s l igh t ly  increased 
by f luidized pretreatment a t  about 500'F. 

FlEACTOR DESIGN 

After the feasibil i ty of prepar-g suff ic ient ly  reactive, non- 
agglomeratFng feeds had been established, a design f o r  a fluid-bed 
hydrogasif i ca t ion  u n i t  was developed. To obtain reliable information 
on the e f fec ts  of the process variables,  it w a s  deemed necessary t o  
have posi t ive control over bed depth. This required p a r a l l e l  upward 
flow of pulverized coal or char,and of hydrogen, with discharge through 
a standpipe. It was f e l t  t h a t  if a single-stage cocurrent-flow reactor  
could not produce gas of the desired heating value, o r  give hydrogasi- 
f ica t ion  yields required f o r  a balanced process, multistage operation 
could be simulated by a series of operations in a single reactor. 
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The main design problem was select ion of the bed depth, hydro- 
gen superfici.1 velocllty and coal  feed rate which, a t  n o m i i i  design 
operating conditions of 1400°F., 1000 p.s.1.g. azzd 60-325 mesh par- 
t i c l e  s i ze  range,vould give a )  su f f i c i en t  agi ta t ion f o r  f r e e  move- 
ment of the bed, b) su f f i c i en t  gas residence time f o r  u t i l i z a t i o n  of 
most of the hydrogen feed, and c)  hydrogen/coa.l r a t i o s  suff ic ient  f o r  
gasif icat ion o f  a substant ia l  portion.of 'the coal feed. Tests were 
made in glass models of upflow reactors with carbon dioxide a t  a at- 
mospheric pressure and temperature t o  simulate the mass velocity of 
hydrogen at  reaction conditions. In a 2-inch diameter reactor with 
a 1-inch standpipe, adequate f lu id i za t ion  of a 5-foot char bed was 
obtained a t  a superf ic ia l  gas veloci ty  of about 0.06 ft./sec. ThLs 
corresponded t o  a gas residence time of 1;3-1.4 seconds and ,a t  acha r  
feed r a t e  of about 4 lb./hr*, t o  a char residence time of 30 minutes 
and an equivalent hydrogedchar r a t i o  of 20 SCF/lb. It appeared from 
the batch reactor test results that these conditions should give 
acceptable gasification results ; however, the reactor was designed 
t o  accommodate an approximately 9-foot bed f o r  greater operational 
f lexib i l i t y  . 

APPARATUS 

The high-pressure semicontinuous coal hydrogasification p i l o t  
u n i t  consis ts  of an interco,mected pressure vessel assembly t h a t  
includes a reactor, a char deed hopper, a screw feeder and an ungasi- 
fied-char-residue receiver (Figure 1). The reactor i s  designed f o r  
a working pressure of 3500 p.s.i.g. a t  1500'F. and is fabricated of 
19-9 DL al loy,  It has an inside effectLve length of 113 inches, an 
outside diameter of 5 inches, and an iaSide diameter of 2 inches. A 
1-inch diameter standpipe, of a selected height, provides the re- 
act ion annulus, controls the height of the char bed, and serves f o r  
the removal of the residual  char and product gases from the top of &&e 
reactor.  Self-sealing closures a t  the top and bottom of the reactor 
a r e  of the modi€'ied Bridgpan type with a s t a in l e s s  s t e e l  seal  ring. 

The char feed hopper i s  fabricated of Type 316 s ta inless  s t e e l  
and has an inside diameter of 5 inches, an outside diameter of 6-3/4 
inches, and has recently been extended t o  an inside height of 120 
inches. It i s  f i t t e d  with confined gasket-type closures a t  the top 
and the bottom. Capacity of the hopper is  about 40  pom-ds of char. 
In most of the t e s t s  reported here,  the origFnal hopper wi'th an a s ide  
height of 60 inches and half  of the present char capacity was used. 
Tne hopper is para l l e l  t o  the reactor and i s  joined t o  it by a hori- 
zontal  feed-screw-housing 24 inches i n  length (see Figure 2 f o r  d e t a i l s ) .  

The ungasuied-char receiver has the same dimensions as the orig- 
inal hopper, and is  also fabricated of me 316 s t a in l e s s  s t ee l .  The 
top o f  the  residue receiver is joined t o  the bottom of the reactor by 
a short  tube with a s ex - sea l ing  closure, (modified and full Bridgman, 
respectively).  The residue receiver a lso ac t s  as a separator f o r  Lie 
product gas and the ungasified char. 
a porous stainless s t e e l  f i l t e r ,  a water-cooled condenser, and a bank 
of gas f i l t e r s  f o r  final cleanup. 
unit is maintained by an external ly  loaded back-pressure regulator. 

and the reactor by means of a ro t a t ing  s p i r a l  screw with an outside 
diameter of 5/8 inch, a root  diameter of 1/4 inch, and a pi tch of 
0.40 inch. Delivery of char t o  the screw within the feed hopper is  
by gravity. A variable-speed e l e c t r i c  motor drive, with b e l t  coup- 
l i n g ,  ro t a t e s  the screw. Normal operation is  at  25-85 r.p.m. f o r  char 
rates of 1.5 to  6 1 b . h .  Commercial e l ec t ro ly t i c  hydrogen, recom- 

The product gas is  passed through 

Pressure on the hydrogasification 

Char is transferred through tine housing connecting the feed hopper 
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Fig. l.-COPL P i R O G M I F I C A T I O N  PILOT UNIT 
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pressed t o  3000 p.s.i.g., is f e d  from a manifolded cylinder bank. 
regulator reduces the pressure t o  a leve l  dependlag on the desired 
reactor  pressure and hydrogen flow rate. Flow is controlled by a 
manually operated needle valve, and i s  metered by a p la te  o r i f i c e  
with flange pressure taps. Hydrogen enters  the reactor preheated 
t o  1 5 0 ~ ~ .  

The char bed (react ion)  volume is 0.07391 cu.ft .  when a nominal 
5-foot s t a d p i p e  (4.714-foot true height) of 1-inch diameter is used. 
The reactor cross-sectional area,  based on a 2-inch by 1-inch annulus, 
and corrected for  two l/4-inch diameter thermowells that extend the 
length of the reactor, is  0,01568 sq.ft.  A s intered s teel  disk, of 
O.OO25-inch m e a n  pore s i ze ,  which is  fastened to  the standpipe ju s t  
below the point where char from the screw feeder enters the reactor,  
serves as a base f o r  the char bed and as a dis t r ibutor  f o r  the feed 
hydrogen a s  it enters the reactor below the disk. 

The reactor i s  heated external ly  by a 21.5 kw. e l e c t r i c  m n a c e  
hav- e ight  individually controlled heating zones. C h a r  bed temper- 
atures are  sensed in ten locations w i t h  chromel-alumel thermocouples. 
Feed hydrogen and gas stream temperatures are a l so  sensed with chromel- 
alumel thermocouples. 

d i f f e r e n t i a l  pressure across the hydrogen o r i f i c e  are continuously 
recorded. 
product gas specif ic  gravi ty  is  indicated and recorded by a continuous 
gravitometer. 

A 

Reactor pressure, U f e r e n t i a l  pressure across the reactor and 

Product gas volume Is measured w i t h  a w e t  test meter, and 

EXPERIMENTAL PRocEDm 

Feed batches were prepared by crushing and screening the char 
t o  a 60-325 mesh s ize ,  and drying i n  a i r  a t  llO°C. in a forced-con- 
vection oven. After the char had been charged t o  the hopper, the pre- 
heated u n i t  w a s  purged with nitrogen and pressurized w i t h  hydrogen. 
The hydrogen o r i f i c e  meter w a s  then cal ibrated against  the w e t  t e s t  
gas meter, the desired hydrogen feed rate established, and the char 
screw feeder s ta r ted  a t  a preset rate. 

t i a l  pressure across the reactor became constant. This d i f fe ren t ia l  
was  normally 20-25 inches of water column, which agreed,closely with 
the value predicted from the bulk density of the expanded char bed; 
severe fluctuations of d i f r e r e n t i a l  pressure were an indication of 
mechanical operating difiYcultLes, such as bypassing of feed nydrogen 
around the porous s t e e l  d i s t r ibu t ing  disk, o r  plugging or' the reactor 
a t  the char feed inlet ,  

The steady-state operating period began when the product gas 
specif ic  gravity reached a constant value. 
w a s  continuously bled i n t o  a 10 cu.ft .  water-sealed gas holder dur- 
ing the steady-state period; spot gas samples were a l so  taken period- 
i c a l l y  t o  confirm other observations re la t lng  to  attainment of steady 
operating conditions. 

Upon termination of the tes t ,  which normally lasted from 4-1/2 
t o  5-1/2 hoUrns, the u n i t  w a s  depressurized, purged and allowed t o  
cool. Char remaining Fn the feed hopper, so l id  residues a d  con- 
densed l iquids  were then removed and weighed. Samples of char feed 
and s o l i d  r e s i h e s  were subjected t o  proximate, ultimate and sieve 
analyses, and t h e h  heating values were determined. Froduct gases 
w e r e  analyzed with a Consolidated Engineering Co. Model 21-103 mass 
spectrometer. Carbon monoxide content was determined by infrared 

When the char bed reached the top of the standpipe, the differen- 

A composite gas sample 
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analysis with a Perkin-Elmer Model 12-C  infrared spectrometer. 

residue weights corrected t o  a dry basis,  were used in t h e  computa- 
t ion of hydrogasification t e s t  resul ts .  The char feed r a t e  was com- 
puted f rom the difference between the charged and recovered w e i g h t s ,  
and from the t o t a l  feed time. Hydrogen and groduct gas volumes f o r  
the steady-state period were corrected t o  60 F. and 30 inches of 
mercury pressure, and a re  reported as standard cubic f e e t  (SCF) on a 
d r y  basis.  Gas heating values and specif ic  gravi t ies  were computed 
from the gas analysis;  heating values a re  reported a t  ~o 'F . ,  30 in- 
ches of mercury pressure and saturated w i t h  water vapor, whereas 
specific gravi t ies  a re  f o r  dry gas referred t o  dry air. 

The properties of the composite gas samples, and the char and 

RFSULTS 

A low-temperature bituminous coal char (Montour No. 1 0  Mine) 
supplied by the Research and Cevelopment Division of the Consolidation 
Coal Co. was used in t h i s  study. This material w a s  produced in  a 
f luidized carbonization process a t  much more severe conditions than 
those employed i n  the e a r l i e r  pretreatment study; in batch hydro- 
gasif icat ion t e s t s  i t  produced a free-flowing residue, b u t  had signi- 
f i can t ly  l e s s  r eac t iv i ty  than chars produced a t  optimum pretreatment 
 condition^.^ 
cause of i t s  ready ava i l ab i l i t y  and uniform properties,  and tfie pros- 
pect of mininun handling U f i c u l t i e s .  Unlike the feed material em- 
ployed in the laboratory semiflow study reported by Hiteshue and 
others,'* the char was not impregnated with a catalyst .  Typical 
properties of the feed char and the hydrogasification residues are 
given i n  Table 1, and selected r e su l t s  f o r  operation a t  500, 1000 
1530 and 2000 p . s . i . g . ,  1400' and 1500°F. nominal temperature and 
noninal char feed r a t e s  of 2 ,  4.5 and 6 lb . /hr . ,  a r e  given in Table 
2 .  Precise control of char feed rate vas not pract ical ;  actual values 
-for each feed r a t e  l eve l  varied considerably, and the overall  range 
was 1.6-6.3 lb . /hr .  
superf ic ia l  velocity of about 0.06 f t ./sec . , the level  required t o  
n a h t a i n  f r e e  flow OP char throu-h the reactor;  this w a s  equivalent 
t o  r a t e s  ranging from 34-35 SCF ydry)/hr. at 500 p.3.i.g. , t o  130-133 
SCF (dry)/h;-. at  2000 p.3.i .g.  Consequently, with the exception of 
a few t e s t s  a t  a nigher hydrogen r a t e  than the minimum, the hydrogen 
residence time based on the f r e e  reaction volume with the 5-foot stand- 
pipe was nearly constant a t  1.2-1.5 minutes. 

on measurements taken 1, 8, 18, 28, 42,  aqd 54 inches above the 
bottom of the char bed. 
temperatures are lowest, i s  p a r t i a l l y  responsible f o r  the substantial  
dii'ference between tine average and maxl.mum temperatures. the l a t t e r  
closely approach the nominal temperature levels  of 1400b and 1500°F. 

The effect8 of char feed r a t e  and pressure on hydrogasification 
r e su l t s  a t  1400 F. are  shown graphically i n  Figure 3. The char feed 
r a t e  expressed as space velocity o r  reciprocal space velocity is used 
as the independent variable. Char residence times can be computed by 
assuming a typical  bulk density of the expanded bed of 25 lb./cu.ft.  
The available data f o r  the low-temperature bituminous coal char ex- 
h i b i t  the expected trends: Increase in the percent of char hydro- 
gasLfied (on a moisture-, ash-free basis)  with increases in pressure 
and decreases in char space velocity; Lncrease In gaseous hydrocarbon 

It w a s  selected f o r  a study of process variables be- 

Normally, hydrogen feed r a t e s  corresponded t o  a 

The average reactor temperatures reported in Table 2 are  based 

The closer spacing a t  the bottom, where 
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REACTOR TEMP = 140OoF: BED HEIGHT=4.7 F T .  BED VOL. = 0.074 CU. F T  
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(primarily methane) space-time y ie ld  with Fncreases in pressure and in- 
creases in char space velocity. The increases in char conversion a re  
accompanied by equivalent increases i n  the quantity of feed hydrogen re- 
acted - the U f e r e n c e  between the amount of hydrogen fed  and the amout  
of unreacted hydrogen contained in the product gas, both per pound of 
dry char. 
of combustion of the product gas and tne heat of combustion of the 
feed hydrogen, both per pound of dry char - a l s o  exhibits the same 
trends as the conversion of char t o  gas. The data a t  500 p.s.i.g. 
fur ther  show that an increase in hydrogen r a t e  t o  double the leve l  re- 
quired t o  maintaln a minimum superf ic ia l  velocity results Fn a measur- 
able increase in char conversion, gaseous hydrocarbon space-time yield,  
and quantity of feed hydrogen reacted. 
a t  higher pressures when the hydrogen feed r a t e  w a s  increased. 

?"ne ef fec t  of an increase i n  temperature from 1400° t o  1500°F. 
i s  indicated in  Table 2 in a series of runs a t  1000 p.s. i .g.  at each 
of the three feed r a t e  levels. Except for the somewhat e r r a t i c  be- 
havior of the ne t  B.t.u. recovery, which is  an exceedingly sensi t ive 
parameter since i t  is obtained from a re la t ive ly  small difference of 
two experinentally determined quant i t ies ,  this increase in temper- 
a ture  resulted i n  a s m a l l  but significant improvement in hgdrogasi- 
f ica t ion  results.  

The char feed and residue analysis data of Table 1 show that, in 
the course of hydrogasification, the vola t i le  matter and oxygen-plus- 
nitrogen contents of t'ne char were reduced to  a s m a l l  f rac t ion  of the 
or iginal  values, hydrogen content w a s  reduced t o  about one-half of the 
or iginal  value, and sulfur  content remained about the same. The in- 
crease iii ::oisture content w a s  caused by water formation through evol- 
ution of bound water o r  reactions of oxygen-containing coal consti tuents 
and gasif icat ion products w i t h  hydrogen; most of this water condensed 
i n  t'ne residue receiver and moistened the char residue. Systematic 
variations of res idual  char properties w i t h  hydrogasification condi- 
t ions appeared t o  e x i s t ,  such as more severe reduction i n  hydrogen 
and vola t i le  matter contents a t  the higher reaction temperature. The 
screen analyses of the feed and residual chars indicate  some s ize  re- 
duction; however, analyses of the residues remaining in the reactor  
a f t e r  shutdown showed t h i s  w a s  not due t o  accumulation of larger  par- 
t i c l e s  i n  the reactor.  

In the product dis t r ibut ions reported in Table 2 ,  the condensed 
l iqu id  products consisted primarily of vater.  iwter ia l  balances can 
be seen t o  be near 1005, and the two parameters of ne t  moisture-, 
asn-free char hydrogasified and carbon hydrogasified follow similar  
trends and are  of approxinately the same magnitude. I n  conjunction 
with the consistent behavior of the operating results over the range 
of test conditions employed, t h i s  indicates r e l i a b i l i t y  of the reported 
data, in s p i t e  of the uncertainties introduced by fluid-bed operation 
a t  extremely low superf ic ia l  gas veloci t ies .  

DISCUSSION OF FCESULTS 

The ne t  B.t.u. recovery - the difference between the hea t  

Similar r e s u l t s  were obtained 

The data obtained with low-temperature bituminous coal char and 
a 5 - f O O t  bed height show tha t  a more reactive feed material, a deeper 
bed, o r  a number of countercurrent stages w i l l  be necessary t o  achieve 
both high conversions and high product gas heating values i n  a single- 
pass fluid-bed operation. However, an a l te rna te  technique f o r  the 
production of a high-methane-content gas, comprising a hydrogen 
separation and recycle step,  may be more a t t r a c t i v e  i n  spi te  of the 
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a d d i t i o n a l  process s teps  required; the gaslf icat ion rate would be 
increased by the resu l t ing  increase in hydrogen p a r t i a l  pressure, and 
problems of exothermic heat  removal and control of gas-sollds con- 
tac t ing  great ly  simplified. 
bed study, moving-bed operation allowing t ru ly  countercurrent single- 
pass contacting may a l so  have t o  be considered. 

OT considerable p rac t i ca l  signflicance are the unexpectedly 
high gaseous hydrocarbon space-time yields obtained with thel$+=; 17 
ous char a t  14009. 
of the k ine t ics  of Disco char gasif icat ion with &-steam mixtures and 
pure & in  a fluid-bed batch reactor a t  pressures up t o  30 atmospheres 
(426 p.3. i .g . )  and temperatures of 150O0-17OO0P. me of interest In 
t h i s  connection. Direct comparison i s  not possible,  since results 
are reported asd i f fe ren t ia l  gasif icat ion r a t e s ,  Le., rates corres- 
ponding t o  zero bed weight, which i s  equivalent t o  conditions where 
no equilibrium hindrance or other  inhibi t ing e f f ec t s  of react ion 
products ex i s t .  The Fntegral gasif icat ion r a t e s  obtained in t h i s  
study would, therefore, be expected t o  be lower than equivalent 
d i f f e ren t i a l  ra tes ,  although this difference should be r e l a t ive ly  small 
at  low conversions. It appears that, due t o  the lower r eac t iv i ty  of 
Disco char, d i f f e ren t i a l  r a t e s  of methane formation extrapolated to  
the conditions of the present study we subs tan t ia l ly  lower than the 
integral rates reported in Table 2 .  
employed by Gorin and others integral rates of methane formation in 
the  5-foot f l u i d  bed a t  1500'F. and 1000 p.s.i.g.ranged from about 
70-100 x 
5O-2O$ carbon gasif icat ion;  this is approximately equivalent t o  extra- 
polated d i f f e r e n t a l  rates f o r  Disco char and pure hydrogen a t  1 6 0 0 ~ ~ .  

in the Disco char gas i f lca t ion  study, steam w a s  found t o  great ly  
accelerate  methane formation, in addition t o  increasing char gasifi- 
cation by reactions leading t o  the formation of CO,CO2 and &. Hw- 
ever, the ef fec t  of steam on methane formation decreased rapidly w i t h  
increases i n  pressure. This was confirmed Fn an exploratory f l u i d -  
bed t e s t  at  1000 p.s. i .g. ,  1500°F. and 1.1:1 w s t e a m  mole r a t i o ,  
i n  which the gaseous hydrocarbon space-time y ie ld  w a s  12% lower than 
in a test a t  the same conditions with & feed only; a small increase 
i n  the r a t e  of gaseous hydrocarbon formation was indicated by com- 
parison with extrapolated data a t  the same i n l e t  & partial press?. 

The la rge  increase i n  gaseous hydrocarbon space-time yield with 
increases i n  char feed r a t e ,  while the hydrogen rate was held nearly 
constant a t  each pressure l eve l  (Figure 3 ) ,  occurred in sp i t e  of in- 
creased equilibrium hindrancefPom product methane. 
no c lear ly  defined tendency f o r  a sWt i n  the source of the hydrogen 
contained in the gaseous hydrocarbons, this must have been caused 
primarily by an Fncrease i n  average r eac t iv i ty  of the char bed. 
quantity of feed hydrogen reacted increased nearly Fn proportion to  
the gaseous hydrocarbon formation, and corresponded t o  80-100% of the 
hydrogen contained in the gaseous hydrocarbons over the whole range 
of operatlng conditions, except f o r  some tests a t  500 p.s.i.g. Con- 
versely, the re la t ive ly  small change in  residual  char properties v i t h  
increases in char feed r a t e  and pressure (Table 1) is consistent 
with the assumption that the increase in the amount of hydrogen s u p  
p l i ed  by the char was a l s o  roughly proportional t o  the increase in 
gaseous- hydrocarbon formation. 

After completion of the present f luid-  

A series of studies by Gorin and others 

For example, in terms of the units 

lb.  moles C&/lb.  atom C per minute over a range of about 

A t  the re la t ive ly  low pressures and high temperatures employed 

Since there w a s  

h e  

c oNcmIoNs 

continuous fluid-bed hydrogenolysis of a low- temperature bituminous 
coal char was demonstrated. 

The f e a s i b i l i t y  of producing high-methane-content fuel gas by 

In sp i te  of the relatively low reac t iv i ty  
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of the feed material, it was possible t o  achieve about 40% COnVePSiOn 
in a 5-foot bed a t  2000 p.3.i.g. and 140O0F. when producing an approx- 
imately 50 mole $ methane cor.tent gas. A t  these conditions, the 
gaseous hydrocarbon (mostly uetnane) production r a t e  was about 600 
SCF (dry)/hr.-cu.ft .  bed volume, which i s  suf f ic ien t ly  high t o  be 
of cormercial Lnterest. Larger conversions were obtained a t  pressures 
a s  low as  1000 p . s . i .g . ,  but a t  great ly  reduced char space velocit ies,  
resul t ing in  lower methane production. 
encountered i n  operation of the fluid-bed reactor a t  an inlet  hydro- 
gen superf ic ia l  velocity of only 0.06 ft . /sec.  a t  500-2000 p.8.i.g. 
and 1400°-15000F. Significant improvements in r e s u l t s  are expected 
with deeper beds and more reactive feed aaterials. 

No major dFTficulties were 
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PROCESS Ai'KLYSIS OF COAL HYDROGASIFICATION 
!JITH S W I  twD RECYCLED HYDROGEU 

C .  G .  von Fredersdorff 
I n s t i t u t e  of Gas Technolojg 

Chicago, I l l i n o i s  

Processes cur ren t ly  under inves t iga t ion  f o r  the production of 
p i p e l i n e  gas when needed comprise 1) d i r e c t  pressure hydrogenation 
o r  hydrogasif icat ion of hydrocarbopaceous a a t e r i a l s  a s  coal ana o i l  
sha le  and 2 )  c a t a l y t i c  conversion t o  methane of synthesis  gas from 
c o a l  g a s i f i c a t i c n .  Although t h e  l a t t e r  i s  the  technica l ly  more ad- 
vanced method f o r  synthes is  of high heat ing value gases ,  coal  hydro- 
g a s i f i c a t i o n  i s  considered t h e  more acceptable  process foy adoption 
f o r  t h r e e  pnincipal Seasons 1) achievable l a r g e  reduct ion t o  p o t e n t i a l  
e l imina t ion  of oxygen requirements 2 )  e l imina t ion  of s u l f u r  p u r i f i c a -  
t i c n  necess i ty  except i n  product gas ,  and 3 )  improvement i n  t h e m 1  
e f f i c i e n c y  through reduct ion  o f  exothermic heats  of reac t ion .  

The hydrogasif icat ion process  requi res  e x t e r m l  hydrogen, vhich, 
a s  w i t h  the sxynchesi-s gas methanation process,  i s  obtained, of course,  
through s t e a n  decomposition. The r e q u i s i t e  steam decomposition pro- 
ceeds either;  by 1) c a t a l y t i c  o r  par t ia l -conbus t ion  reforming of a por- 
t i o n  of the product gas o r  of the primary n a t u r a l  gas supply prefer -  
a b l y  i n  those instances vhere riearly complete conversion of s o l i d  f u e l s  
t o  high 3tu gas may be r e a l i z e d ,  i . e .  hydrogasif icat ion of l i g n i t e ,  
r e a c t i v e  con-caking subbicuminous coa ls  and chars ,  o i l  shale  and t a r  
sands o r  2 )  oxygen-steam g a s i f i c a t i o n  of s o l i d  f u e l  res idues from i n -  
complete hydrogasif icat ion of l e s s  r e a c t i v e  coa ls  and coa l  chars .  
Generally,  pressure hydrogasif  i c a t i o n  w i l l  not r e a d i l y  convert much 
over 50% of the carbonaceous rnatter of most bituminous coa ls ,  and due 
t o  thermodynamic and k i n e t i c  l i m i t a t i o n s ,  product gases contain moder- 
a t e q u a n t i t i e s  of u-nrea c t e d hydrogen . 

Since cos ts  chargeable t o  hydrogen prcduct ion represent  a major 
p o r t i o n  of the t o t a l  cos t  of p i p e l i n e  gas,  a p o t e n t i a l l y  advantageous * 
modif icat ion of  the coa l  hydrogas i f ica t ion  process comprises 1) methane 
separa t ion  by l i q u e f a c t i o n  o r  o t h e r  s u i t a b l e  means to  insure  maximun 
hea t ing  value of the  product gas 2 )  recycl ing of the  recovered hydrogen 
t o  i n s u r e  f u l l  u t i l i z a t i o n  o f  the  gas i fy ing  medium and 3 )  admission of 
steam i n  the  reac tor  hydrogas i f ica t ion  zone t o  promote addi t iona l  hydro- 
gen forna t ion  via steam decomposition from t h e  exothermic heat of the 
coa l  hydrogenation r e a c t i o n s ,  thereby improving t h e  heat balance and 
f u r t h e r  decreasing f u e l  requirements.  To be economically a t t r a c t i v e  
the  advantages gained must, of  course,  outweigh t h e  cost  increment of 
product gas separat ion.  

coa l  by simultaneous r e a c t i o n  with steam and recycled hydrogen a t  
e levated pressure and temperature t o  achieve a s  near  a s  poss ib le  a ther-  
mal balance between exothermic and endothermic reac t ions  and t o  sub- 
s t a n t i a l l y  e l iminate  e x t e r n a l  hydrogen requirements.  
duced i n t e r n a l l y  by t h i s  scheme vould be supplenented by water-gas s h i f t  
of t h e  hot product gas  w i t h  a d d i t i o n a l  steam t o  convert  a v a i l a b l e  carbon 
monoxide. An eva lua t ion  of  process  f e a s i b i l i t y  requi res  a t h e m o d p m i c  

The key concept of  the  hydrogen recycle  process i s  g a s i f i c a t i o n  Of 

The hydrogen pro- 
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analys is  of the  C-H2-H20 and C-Hz-HzO-Oz systems supplemented with 
i n t e r p r e t a t i o n  of a v a i l a b l e  k i n e t i c  da ta .  

I .  Def in i t ion  of the  Process 

t i o n  process .  Recycled hydrogen i s  assumed a t  8 0 0 ~ ~ .  through heat 
exchange :ri th t h e  product gas.  
to  1000°?. f r o n  an ex terna l  source.  For fixed-bed operabion t h e  
s o l i d  f u e l  may be fed a t  the top of t h e  r e a c t o r ,  and f o r  fluid-bed 
operat ion the  coal  charge may be in jec ted  with t h e  hydrogen feed 
stream. Af te r  prel iminary cleaning of d u s t ,  t h e  rav  gas ,  comprising 
e s s e n t i a l l y  CE4, &, CO, COz and unreacted steam i s  passed t o  ca t -  
ol j r t ic  ! ia ter-gas-shif t .  The gas, then a t  approxi-nately 1000°F., i s  
cooled i n  the  hydrogen recycle  heat  exchanger, scrubbed with water to  
condense unreacted steam, and pur i f ied  of C O z ,  H2S and other  s u l f u r  
.oear;inZ gases p r i o r  t o  methane separa t ion  by l i q u e f a c t i o n .  
sImngece?.t of heat  exchan&ers a s  shovn would be necessary t o  pre-  
serve r e f r i g e r a t i o n  e c o n o q  i n  l iquefac t ion .  
be vaporized arid the cold ?I2 reheated by the incoaing varm gases .  
::aim 3 2  1s recompressed by a booster t o  complete the recycle  c i r c u i t .  

T i i t s  process may not necessar i ly  requi re  a water-gas s h i f t  s tep ,  
i n  rrhich event the recycled gas comprises e mixture of hgdrogen v i t h  
r iodero tc  etxcucts of carbon monoxide. Sotze CO s h i f t  vould  presumably 
S C ~ L I ?  i n  the  g a s i f i c a t i o n  reactor  i t s e l f ,  s ince  ;noderate excess steam 
riould ol!iays be present  a t  the recyc le  gas in t roduct ion  poin t .  How- 
e w ~ ,  the nresence of CO m y  i n t e r f e r e  i.rith the  e f f i c i e n t  separat ion 
of C!iz 5--- lioue.?oction. If B vater-gas  s h i f t  r e a c t o r  i s  used, then 
Lne uet;kiniF could be SeDaPated f r o o  the c ~ ~ - R ~  nis t ; J re  by molecular 
e f fus ion  i n  "diffusion" cascades,  as  an a l t e r n a t i v e  t o  l iquefac t ion .  

d i _ t i m s  of the r e c t o r  i t  i s  esscmed t h a t  recycled jias c o n s i s t s  of 
hydrogen only.  The inportant  var iab les  t o  be es tab l i shed  a r e  tem9era- . 
L u l - 2 ~  326 -,ressl?v-q U _ L r  t o  m a l e  t h e  pmcess  therxodynamically f e a s i b l e .  
The c r i t e r i o  of f e a s i b i l i t y  a r e  1) heat requirezents  of the r e a c t o r  
ner XCT of net'lane pmduced, 2nd 2 )  r a t i o  of hydpogen p r d  uced t o  
hydrogen consur.;ed i n  the p m c e s s .  
hezt e f f e c t s  of the C-H2-H20 s y s t e n  i s  f i r s t  necessary t o  e s t a b l i s h  
:.%ether the  mocess  can be ogerated r.rithout oxygen a s  a source of heat 
through pa ii t l a  1 conbus t ion. 
11. Thei-i;;odgnsnLc Analysis of C-H2-H20 System 
A .  ikf i n i n g  Zqua Lions 

F ig .  1 shows a schematic diagram of the  proposed coal g a s i f i c a -  

Process steam i s  assumedisuperheated 

Some 

The l i q u i d  methane could 
The 

,. , 

I n  the  process a n a l y s i s ,  vhich t r i l l  be d i rec ted  t o  operat ing con- 

+An a n a l y s i s  of the e q u i l i b r i a  and 

Tke system i s  completely defi-ned by t h e  r e a c t i o n s :  
c + TI2 - cEI4 Reaction 1 
c + HZ0 - co + H2 Reaction 2 

Reaction. 3 CO + R20 ----t COz + H2 
The concentrat ions of t h e  f i v e  gaseous components me solved by a pro- 
cedure of Parent and Katz.' 
t ionships  a r e :  

T'ne mater ia l  balance (Table 1) and r e l a -  
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Table l.-PUWIAL EiALANCE OF TTE C-H2-H20 SYSW 
I n i t i a l  Amount Equilibrium Equilibrium Molar 

Moles/Mole Inlet  P a r t i a l  Pressure, Q u a n t i t i e s ,  Males/ 
ComDonent Steam Atrn. Mole Inlet Steam 

-- C excess 
Hz a ' X  
Hz0 1 . 0  Y 
co 0 Z 
co 2 
m 

Tota l  

0 
0 

M w 
T 

a )  Reaction 1. Equilibrium, f o r  i d e a l  gases 
Kl  = W/T X2 

where = a c t i v i t y  of carbon t o  hydrogenation 

b )  Reaction 2. Equilibrium, for i d e a l  gases 
K2 = ZX/%" Y 

\There z' = a c t i v i t y  of carbon t o  steam 

c )  Reaction 3 .  Equilibrium, f o r  i d e a l  gases 

d )  Hydrogen balance 

e )  0,xygen balance 

f )  Carbon balance 

K3 = WZY 

a = x + y + 2 w - l  

y + z + 2 n l = l  

c = z + m + w = moles carbon g a s i f i e d  p e r  mole 
g i n l e t  steam 

g )  Total  pressure 

h )  Total  moles a t  equi l ibr ium 
F = X + Y  + z + M  i - w  

N = x + g +  z + m + v  

-- 
X 

Z 
D 

Y 

4- 

( 7 )  

The following s o l u t i o n  from Equations 1, 2 ,  3 and 7 obta ins :  
a )  CH4 p a r t i a l  p ressure ,  A t m  

kr = K~ x2 ( 9  1 
b )  H20 p a r t i a l  p ressure ,  A t m  

c )  CO p a r t i a l  p ressure ,  A t m  
z = K2y Yc.!/x 
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d )  c02 p a r t i a l  p ressure ,  A t m  

For se lec ted  temperature, t o t a l  p ressure  and assumed carbon activity, 
equi l ibr ium p a r t i a l  p ressures  a r e  computed successively by ass igning  
a r b i t r a r y  X values ,  o r  hydrogen p a r t i a l  p ressure .  Molar q u a n t i t i e s  
a r e  found from: 
a )  mu l t ip l i ca t ion  o f  the o;cggen ba lance  (Equation 5 )  by P/N, f ie ld ing:  

b )  law of add i t lve  pressures :  

M = P - X - Y - Z - W = &YZ/X (12) 

N = P/ [Y + Z + 2 4  (13) 

x = NX/P, y = E / P ,  z = NZ/P, m = NM/P, w = Nw/P (14) 
The required H2/H20 in le t  molar r a t i o  f o r  t he  system, from Equation 

4, must be zero o r  p o s i t i v e  f o r  a va l id  so lu t ion .  Equation 6 y i e lds  the 
quan t i ty  of carbon g a s i f i e d ,  and the gas composition i s  defined by the 
molar q u a n t i t i e s .  The f r a c t i o n  of steam decomposed, SD, i s  given by: 

SD = 1-y (15) 

produced t o  hydrogen consumed, tak ing  i n t o  account the  CO a s  equivalent  
to  hydrogen, 

(16) 

One c r i t e r i o n  of  process  f e a s i b i l i t y  i s  t he  r a t i o ,  R ,  of hydrogen 

= l-;,~ , moles RP ava i l ab le  
uoles  HP consumed 

As a bas i s  f o r  co r rec t ion  o f  R f o r  ac tua l  fuels ,  eGerimenta1 
da ta  of Channabassappa and Linden on bituninous coa l  containing about 
75 weight $ carbon, and 5 weight $ hydrogen, ( d q  b a s i s )  i nd ica t e  tha t  
approxira t e l y  805 o f  the  coa l  f e e d  hydrogen content appears a s  CH4 and 
higher  hydrocarbons i n  the product gas.' 
t i t y  of h drogen ava i l ab le  from coal  f o r  hydrogas i f ica t ion ,  emressed  
a s  molesJole i n l e t  steam, i s  the re fo re  taken t o  be 0.8 rH C , where 
RH = hydrogen/carbon molar r a t i o  i n  coa l ,  and f = f r a c t i o n  carbon gas- 

An approxi ra t ion  o f  the quan- 

g"" 
i f i e d .  With a coal feed conta ln lng  75 w e i  
95% carbon g a s i f i c a t i o n ,  t h i s  becomes (0.8 = 0.336 c The 

weignt $ H, and 
g' 

corrected r a t i o ,  R ' ,  hydrogen ava i l ab le  t o  hydrogen consumed, may be 
wr i t t en  f o r  t h i s  case: 

l -y+~+O.  3 3 6 ~  
2w R '  = g (cor rec ted  f o r  coa l )  (17) 

The recyc le  g a s i f i c a t i o n  process  w l l l  be independent of  an  ex te rna l  
source of hydrogen i f  R 1 =  1 . 0 .  

t he  system, &HR, in Btu/lb.  uo le  C& produced. 
The second t e s t  of  process f e a s i b i l i t y  i s  the  net  heat  e f f e c t  O f  . 

(18) 

This i s  given by: 

 AH^   AH^ + ?  1 [(i-m-y) A H =  + ~ A G  + c AH, i a  AH^ g 6 2  

+ A 'H&] 
where A H l ,  AH2, A& = heat  of r eac t ion ,  i n  Btu/lb. mole, of Reactions 
1, 2 and 3 ,  respec t ive ly ,  ?with r eac t an t s  and products a t  t he  tenperature  
of  the system, and p H  = enthalpy of r eac t an t ,  Btu/lb. mole, between 
inlet  and system o u t l e t  temperature. 

Thermodynamic e q u i l l b r i u n  cons tan ts  and enthalpy da ta  of the  Bureau 
of Standards12 were used i n  a l l  ca l cu la t ions .  

I 
,' 

.1 

\ 

I' 
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B. Xquilibrium Computations 

50,100 and 200 atmospheres, and 1000, 1100, 1200 and 1300 K. with 
60°F. i n l e t  carbon, 1000'F. inlet  steam, and 800'F. recycled hydro- 
gen. The a c t i v i t y  of carbon, y' , with respec t  t o  t h e  carbon-steam 
Reaction 2 i s  taken a t  un i ty  i n c a l l  cases. '  Since experimental re -  
s u l t s  on coal  hydrogenation have demonstrated t h a t  methane concentra- 
t i o n s  based on ,&-yaphite-hydrogen equi l ibr ium can be exceeded by 
a s  much a s  10-20$, i t  i s  necessary t o  consider  a t  l e a s t  two a c t i v i -  
ties of t h e  carbon, i . e . ,  Y = 1 . 0  and 1 .5 ,  with respect  t o  the car -  
bon-hydrogen Reaction 1. T8e choice of % = 1.5 r e s u l t s  i n  C2& con- 
cent ra t ions  approximately 20% i n  excess o f p  -graphite-hydrogen e q u i l  
i b r  ium . 
on an ALUAC I11 d i & i t a l  computer, a r e  l i s t e d  i n  Table 2; although 
many more r e s u l t s  vere  obtained than  a r e  tabula ted  there ,  those pre- 
sented a r e  se lec ted  a s  representa t ive  of condi t ions f o r  which t h e  
r a t i o s :  H2 ava i lab le& consumed, a r e  v i t h i n  t h e  range 0.5-1.4. These 
data can be p l o t t e d  aga ins t  Ha/H20 inlet  molar r a t i o  t o  determine con- 
d i t i o n s  f o r  which R i s  exac t ly  1 .0 ,  t h e  poin t  a t  which the process, a t  
equi l ibr ium, ;Jould be independent of e x t e r n a l  hydrogen. 

Typical p l o t s  over a *Ade range of H2/H20 inlet  molar r a t i o s  a r e  
given i n  Fi . 2 for 200 atmospheres, 7' = 1 . 0 ,  1200'K. (1700'F.) and 
1300'K. (1880'F. ) . 
and heat e f f e c t s  a r e  shown, and trro curves for H2 avai lable/H2 consumed 
a r e  included: one f o r  pure carbon and one fa? coa l  contair.ing 75 weight 
5 C and 5 weight $ H. 
= 1200'K. (17OO0P.), and Y = 1 . 0  (F ig .  2A), t h a t  a t  a 1 . 0  r a t i o  of H2 
available/H, consumed, w i t 8  coa l  a s  f u e l ,  the process  i s  endothermic 
by 15,000 B t u / l b .  mole  C&, and t h a t  the equi l ibr ium a concent i s  
near ly  3 0 s  (ve t  b a s i s ) .  Tine endothermicity decreases  with increasing 
H2/X20 inlet  molar r a t i o ;  hoirever, the  r a t i o  of Ea available/H2 pro- 
dnced a l s o  decreases .  Thus a t  ex t rene ly  high H2/H20 inlet molar r a t i o s  
t h e  process approaches thermal balance,  but requi res  e s t e r n a l  hydrogen. 
A t  lo-d Ei2/H20 i n l e t  molar r a t i o s  t h e  process has s u f f i c i e n t  hydrogen, 
but lacks  hea t .  
molar r a t i o s  t h e  endothermic steam decomposition reac t ions  predomiriate 
because steam i s  present  i n  l a r g e  excess ,  whereas a t  high Ha/H20 inlet  
molar r a t i o s ,  t h e  exothermic hydrogenation reac t ions  predominate, s ince  
hydrogen i s  ?resen: i n  l a r g e  excess .  

Therefore,  the process c a m o t  a t t a i n  a self-balanced condi t ion 
from t h e  standpotnt of both hydrogen and heat requireuents  a t  200 a t -  
nospheres, 1200'K. (17OO0F.), with 1000'F. preheated steam and 800'~. 
preheated hydrogen. The same r e s u l t s  a r e  observed a t  200 atmospheres, 
l ; l O O o i C .  (1800'F.), and = 1 . 0  (F ig .  29 ) ,  where, with a 1 . 0  r a t i o  o f  
HZ available/H2 consumedCfor c o a l  a s  f u e l ,  the  heat requirement i s  
near ly  50,000 Btu/lb. mole CHI. 
given i n  Table 2 shows t h a t  process  heat requirements a r e  i n  the  range 
25,000-100,000 Btu/lb. mole CH4 a t  t h e  opera t ing  poin t  determined by a 
1 .0  r a t i o  of Ha available/H2 produced. This heat def ic iency w i l l  a l -  
ways p r e v a i l  a t  a l l  poss ib le  g a s i f i c a t i o n  temperatures.  

Al te rna te  methods f o r  supplying the heat  requirements a re  1) high 
preheat of r e a c t a n t s ,  2 )  i n d i r e c t  i n t e r n a l  heat  exchange with a high- 
temperature hea t  t r a n s f e r  f l u i d ,  o r  3 )  p a r c i a l  combustion of coal  with 
oxygen wi th in  t h e  r e a c t o r .  In view of t h e  l a r g e  hea t  def ic iency and 
t h e  need f o r  rapid heat  t r a n s f e r ,  the  t h i r d  a l t e r n a t i v e  appears most 
a t t r a c t i v e .  This  au tomat ica l ly  provides a high-temperature zone where 
a p o r t i o n  of t h e  inlet  steam i s  r a p i d l y  decomposed, des i rab le  because 

The range of var iab les  considered f o r  the  C-H2-HnO sgstem a r e  

Resul ts  of the  computations, t h e  majori ty  of which were performed 

I n  these p l o t s  thecequi l ibr ium gas compositions 

It can be seen f o r  the condi t ions 200 atmospheres, 

T h i s  i s  as  a n t i c i p a t e d ,  si-nce a t  low H2/H20 i n l e t  

A n  examination of a l l  o ther  conditions 
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HEAT EFFECT FOR PURE CARBON WITH 
800.~. n,. 1000.~. STEAM 

0 ,  

A 1200OK. 1300 'K .  B 
HEAT EFFECT FOR PURE CARBON WITH 

8OO.F. H,. 1000.F. STEAM 
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Fiz. 2.-3FFZCT OF H2/:i20 =TI0 ON ZQUILI3RrUTi.I GAS C O P P O S I T I O N ,  
HP ?ROD;CTIO~~/CONS~biPTION RATIO, AND N3T HEAT EFFECT, FOR THE 

C-&-H20 SYSTEM AT 200 ATI4OSPHERZS AtTE 1200' AND 1300'K. 
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steam decomposition r a t e s  a r e  r e l a t i v e l y  slow a t  the  temperatures most 
favorable  to  high methane product ion r a t e s .  Since equi l ibr ium steam 
decompositions cannot be achieved i n  p rac t i ce ,  the  C-H2-H20 system 
with oxygen admission i s  analyzed below on t h e  more r e a l i s t i c  baz is  of 
equi l ibr ium a t ta ined  only i n  the' carbon-hydrogen and water-gas-shift  
reac t ions ,  w i t h  a r b i t r a r y  assignment of steam decomposition values .  
111. Thermodynamic Analysis o f  C-H2-H20-02 Sys tem with Arbitra,ry Inlet 

Steam Decomposition. 

The system i s  completely defined by Reactions 1 and 3 i n  equ i l ib -  
. A .  Defining Equations 

rium, Reaction 2 nonequi l ibr tun,  and Reaction 4 t o  completion: 

The method of so lu t ion  i s  s i m i l a r  t o  tha t  given for t h e  C-H2-H20 system. 
The mater ia l  balance i s  given I n  Table 3 .  

c + 02 - cog . Reaction 4 

Table 3.-!dVEFUAL EALAiTCE OF THE C-H2-H20 SYSrnl ldTTH 0,XYGZ.N 

. .  Moles/lvIole Inlet P a r t i a l  Pressure,  Quan t i t i e s ,  tt!o!oles/ 
I n i t i a l  Amount Equilibrium Equilibrium Molar 

Component Steam Atm. Mole I r J e t  Steam 
-- -- C excess 

b 0 0 
a X X 

1.0 Y Y 
0 Z Z 
0 M m 

T + CH4 0 w 
.. Tota l  

All previous mater ia l  balance and equi l ibr ium r e l a  t ionships  apply except 
that Equation 2 i s  not  used, and the  new oxygen balance becomes: 

By manipulation o f  Equations 1, 3 ,  7, 15 and 19, t he  so lu t ion  f o r  p a r t i a l  
pressures  and t o t a l  moles a t  equi l ibr ium may be wr i t t en  i n  i t e r a t i v e  form: 
a )  CH4 p a r t i a l  pressure,  A t m .  

b )  CO p a r t i a l  pressure,  Atm.' 

y + z + 2m = 1 + 2b (19) 

w = IC1 Yc x 2  ( 9  1 

SD + 2b where d = 

e = P - X - ?.i 
SD = f r a c t i o n  steam decomposed 

c )  C02 p a r t i a l  pressure,  A t m .  
M = Z  

4 s - 2 1  
d )  H20 ' g a r t i a l  pressure,  A t m .  

e )  Total  moles a t  equiliSrium/mole inlet  steam 
Y = P-X-M-2-W = XM/&Z 

( 2 1 )  

( 2 2 )  
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M = P(1+2b)/(Y f Z f 2M) 
By assigning a r b i t r a r y  X (H2 p a r t i a l  p ressure)  values ,  equi l ibr ium 
concentrations of a l l  o t h e r  components a r e  computed f o r  a given temp- 
e r a t u r e ,  p ressure ,  oxygen/stearn inlet  molar r a t i o ,  assumed steam de- 
composition and assumed a c t i v i t y  of the  carbon. Gas compositions a r e  
conputed from Equation lb, and the  amount of carbon g a s i f i e d  from 
Equation 6 .  
f o r  the case of pure carbon a s  g a s i f i c a t i o n  f u e l .  The r a t i o  may be 
corrected f o r  nydrogen a v a i l a b l e  from coal  a s  g a s i f i c a t i o n  f u e l .  Under 
the conditions assumed i n  the  d e r i v a t i o n  of the  previous cor rec t ion  
term, the a c t u a l  H2/H20 inlet molar r a t i o ,  a', t o  the  r e a c t o r ,  with 
coal a s  f u e l ,  vould be: 

(23) 

The irJet H2/H20 molar r a t i o  i s  determined by Equation 4 ,  

a '  = x + y + 2w - 1 - 0.336 cg ( 2 4 )  
One f e a s i b i l i t y  c r i t e r i o n  of the  recyc le  g a s i f i c a t i o n  process with 

oxygen admission i s  aga in  the  r a t i o  H2 available,& consumed, Equations 
16 and 17. I f  t h i s  r a t i o  i s  equal t o  o r  g r e a t e r  than uni ty ,  the pro- 
cess i l i l l  be independent of a n  e x t e r n a l  hydrogen source.  By s e l e c t i o n  
of the  proper 02/E20 inlet molar r a t i o ,  the  process may be made ther -  
r?ally balanced o r  s l i g h t 1  exothermic t o  compensate f o r  heat  l o s s e s .  
The net heat e f f e c t ,  StuJb mole produced, i s  c r r i t t en  i n  the form: 

(1 - m - y )  A H 2  +mAHs + bA& f c A H c  + g 

9 
'j 

P 

i 

n 

( 2 5 )  20 
aAHy i- b A H o 2  T A H E  

1 2  

-rhere A H l ,  A H a ,  A ?Is and A Hq = heat of the  respec t ive  reac t ions ,  i n  
B c u / l b  mole, :iith r e a c t a n t s  and products a t  the  temperatme of the 
syste-n, and AH = enthalpy of r e a c t a n t ,  Btu/lb. mole, between inlet  and 
system o u t l e t  temperatures.  

An a d a i t i o n a l  c a l c u l a t i o n  f o r  judging the p o t e n t i a l  e f f i c i e n c y  of the  
g a s i f i c a t i o n  process comprises e s t i m t i o n  of reac tan t  requirements p e r  . .nn CH4 produced: 

( 2 7 )  

( 2 9 )  

b )  L b .  carbon = 31.7 c 
c )  Lo.  coal  (755 C ,  55 H,  a t  9576 carbon g a s i f i c a t i o n )  = 44.5 c w ( 2 8 )  
d )  SCF 0:cyygen = 1000 b/w 

9. Equilibrium Computations 

favorable f o r  t h e  p r a c t i c a l  operacion of t h e  proposed process.  The 
choice of condi t ions i s  based on: 
a )  I n l e t  sLean decompositions i n  the range 30-505, comparable to  those 

achieved i n  oxygen-steam g a s i f i c a t i o n  of pulverized coal, ' ' l1 o r  i n  
oxygen-steam f i r e d  fixed-bed g a s i f i c a t i o n  processes . l '13 

b)  Zxperimental data  on t h e  hydrogenation of coa l  char  i n  t h e  presence 
of steam i n d i c a t e  t h a t  methane f o r m t i o n  r a t e s  a r e  too s low t o  be of 
commercial i n t e r e s t  a t  pressures  below 30 atmospheres and tempera- 
tu res  much be1oT.r 1200'K. (1700'F. ) .15 Hydrogenation r a t e s  increase  
moderately with pressure and r a p i d l y  with temperature. Hovever, 
temperatures above l2OO0K. a r e  thermodynamically unfavorable f o r  
high methane content of the product gases ,  d e s p i t e  the increased 

a )  Lb. steam ( r e a c t o r  on ly)  = 4 7 . 5 / ~  ( 2 6 )  

d 
!?P 

e )  Frac t ion  carbon g a s i f i e d  t o  CH4 = u/c ( 3 0 )  g 

A l i m i t e d  nunber of ca lcu la t ions  vere  made a t  condi t ions believed 

! 
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hydrogenatxon Eates.  Favorable operat ing conditions appear t o  be 
1200OK. (1700'F.) and 30-50 atmospheres. An increase  t o  200 atmos- 
pheres would Germit lower opera t ing  tempera t u r e s  of the  hydrogena- 
t i o n  zone, perhaps 1000-1100'K. (1740-1520'F. 1, :o take advantage 
of the more favorable  r;hermodynamic conditions without s i g n i f i c a n t -  
l y  a f f e c t i n g  the hydrogenation reactLon r a t e s .  

R e s u l t s  of the e u i l ib r ium computations and heat  e f f e c t s  a t  50 and 

All data  a r e  p lo t ted  aga ins t  Ziz/HzO inlet  m l a r  

200 atmospheres, 1200 8 K. (1700'F.) and 1.0 a c t i v i t y  of caroon, a r e  
given i n  F igs .  3 and 4 f o r  30-405 steam decomposition and 0.1-0.15 02/ 
BzO inlet  molar r a t i o .  
r a t i o  based on ure  carbon a s  fuel .  If des i red ,  a cor rec t ion  may be 
;fTl ied f o r  Fizz 2O i n l e t  molar r a t i o s  based on coa l  a s  f u e l  (Equation 

a )  The r a t i o  HZ avai lable& consumed decreases from values g r e a t e r  
. The p l o t s  show general  trends: 

than 1 .0  a t  low Rz/HzO inlet  molar r a t i o s  t o  values less than 1 .0  
a t  high H2/&0 i d e t  molar r a t i o .  

'0) Equilibrium CZ& contents  i n c r e a s e  v i t h  H2/H20 i n l e t  molar r a t i o s .  
c )  A t  t h e  chosen 02/H20 i n l e t  molar r a t i o s ,  the  net  heat e f f e c t ,  AHR 

Btu per  Yo. mole CHI, i s  highly negat ive ( e x o t h e m i c )  a t  low H2/Z20 
inlet  molar r a t i o s ,  and becoines l e s s  negative a t  high Ha/IdzO inlet 
molar r a t i o s .  

lLes i n  t h e  f a c t  
that both t h e  02/&0 inlet  molar r a t i o  and t o t a l  i,ilet steam decomposi- 
t i o n  were f i x e d  a t  a r b i t r a r y  values  i n  these calculacions.  Under the 
condi t ions assumed, the  hea t  a v a i l a b l e  from oxida t ion  i s  always some- 
what g r e a t e r  than t h a t  required t o  decompose t h e  given amount of s tean.  
A t  a low Hz/HzO i d e t  molar r a t i o  t o  the g a s i f i e r ,  the  quant i ty  of me- 
thane formed i s  small. A s  a consequence the net  heat  e f f e c t  per a o l e  
GX4 produced i s  highly negat ive (exotnermio).  A t  higher H2/H20 inlet 
molar r a t i o s ,  the quant i ty  of methane increases  and more sens ib le  hear 
i s  required t o  br ing t h e  r e a c t a n t s  t o  the  opera t ing  cemperature, re -  
s u l t i n g  i n  a less exothermic hea t  e f f e c t  per  nole  CF~ produced. 

r a t i o ,  50 atmospheres and 1200'K. (17OO0F.), the  g a s i f i c a t i o n  process 
becomes hdependent of e x t e r n a l  hydrogen i f  the  Ii2/H20 i n l e t  molar Zat io  
i s  no g r e a t e r  than 1.8, t h e  
consumed (corrected f o r  coal7 approaches uni ty .  
n e t  heat  e f f e c t  i s  p r a c t i c a l l y  zero  w i t h  800'F. preheated recycled 
hydrogen, 1000°F. steam and 60°F. c o a l  and o,uggen, and 2 )  equiliSrium 
methane content of t h e  wet gas i s  approximately 15% (2146 dry b a s i s ) .  
The process  would requi re  H2 r e c y c l e  i n  the  r a t i o  3.5 moles/nole C&. 

I n  Fig.  3B, for  40% s t e a m  decomposition, 0.15 02/B20 inlet molar 
r a t i o ,  50 atmospheres and 1200°K. (1700°F.), the  process would be in-  
dependent of ex terna l  hydrogen i f  t h e  H2/Ii20 inlet n o l a r  r a t i o  were 
no g r e a t e r  than 2.5,  the  poin t  a t  which the corrected r a t i o ,  f o r  coa l ,  
o f  Ii2 available/Hz consumed approaches uni ty .  I n  t h i s  case t h e  net 
heat  e f f e c t  i s  again p r a c t i c a l l y  zero f o r  t h e  same r e a c t a n t  preheats ,  
and t h e  equi l ibr ium methane content  of  the wet gas i s  approximately 184% 
(22% d r g  b a s i s ) .  Under these condi t ions ,  t h e  required H2 recyc le  is 
3 . 4  moles/mole m produced. 

I n  Fig.  &A, 306 steam decouposi t i&,  0 .1  02/H20 inlet  molar r a t i o ,  
200 atmospheres and 1200'K. (1700°F.), the  process vould be hydrogen 
s e l f - s u f f i c i e n t  a t  H2/H20 inlet molar r a t i o s  no g r e a t e r  than 0.75, t h e  
poin t  a t  which t h e  corrected r a t i o ,  f o r  coa l ,  of H2 avai lable/& Con- 
sumed approaches uni ty .  
20,000 Btu/lb. mole m e x o t h e m i c ,  which would be s u f f i c i e n t  t o  con- 
pensa te  f o r  r a d i a t i o n  and convect ion hea t  l o s s e s .  

The explanat ion of t h e  trend of the AHR curve 

I n  Fig .  3.4 for 30% s t e a n  decomposition, 0 . 1  02/H20 i n l e t  molar 

o i n t  a t  which t h e  r a t i o  HZ available/%IZ 
A t  t h i s  po in t ,  1) t h e  

Here t h e  net  heat e f f e c t  i s  approximately 

The equi l ibr ium 
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A STEAM DECOMP. * 30%. 0 I H  O a O . 1  STEAM DECOMP.=40%; O,IH,0.0.15 B 

5OO.F. H i .  100O.F. STEAM 

J 

I' 

H e I H p O  INLET MOLAR RATIO - H s I H r O  INLET MOLAR RATIO 

Fig.  3. - E F F E C T  OF Hz/H20 R A T I O  ON E Q U I L I B R I U M  GAS COMPOSITION,  
Ha P R O C i i C T I O N / C O M S U ~ ~ T I O N  R A T I O ,  AND NET XWC EFFEXT, FOR THE 
C-Hz-HzO SYSTEil AT 1200'K. AYD 50 ATPIIOSPHERES, 'JCTH 30 AND 4G$ 

S T M  RECOi4POSITION,  AND 0 .1  AYD 0.15 02/H20 I~~II.,ET 
MOLAR R A T I O ,  RESPECTIVELY 

.. . .. . .. .. . . - 
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Fig. 4.-E?FEKT OF H2/H20 M T I O  ON EQUILIBRIUM GAS COMPOSITION, 
H2 PROOWCTION/CONSU.WTION RATIO AND !ET KEW EFFECT, FQR 

C-Ha-HaO SYSTEM AT 12006K. AND 200 ATMOSPXFBES, 

30 AND 4% S T M  IlECOMPOSITION 
WITH 0.1 02/H20 INLET N0LA.R RATIO 
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methane content  i s  approximately 18% on  the  ;Jet bas i s ,  (305 dry b a s i s ) ,  
and the process xould requi re  ii2 recyc le  of 1.8 moles/mole G I  pro- 
auced . 

I n  F ig .  4 3 ,  405 steam decomposition, 0.1 02/?12 i n l e t  molar r a t i o ,  
200 atnospheres and 1200OK. (1700°F.), the  process'would aga in  be self- 
s u f r i c i e n t  v i t h  respec t  t o  hydrogen i f  the  H2/H20 in le t  molar r a t i o  
vere  no g rea t e r  than 1 . 0 .  The ne t  heat e f f e c t  i s  less exotherni-, than 
i n  ihe previous case,  approximately 10,000 3 tu / lb .  xo le  CE4 a t  the saae 
reac tan t  prehea ts .  The equi l ibr ium methane content i s  approximately 
21% on the :.ret 'oasis, o r  315 dry bas is ,  v i t h  a required H2 recyc le  of 

1 . 7  noles/mole produced. 
These r e s u l t s  demonstrate t h a t  ope ra t i% condi t ions can be found 

l:T'nere t h e  proposed process ,  iqith O 2  admission and I;12. recyc le ,  appears 
chelmodynanicai l~ f e a s i b l e .  IL should be noted, siilce oxygen i s  r e -  
quired,  t;mt the  process reduces t o  an  adapta t ion  of the Lurgi pressure  
g a s i f i e r  v i t h  provis ion f o r  Z2 recyc le  i n  the  upper port ions of the  f ixed 
f u e l  bed, o r  co a n  adapta t icn  o f  present  f luid-bed coa l  hydrogenatisn 
reaz',ors rrith provis ion  f.or add i t ion  of sceam and o-uygen e i t h e r  i n  the 
same r eac to r  o r  i n  a separa te  vesse l  t o  g a s i f y  the coa l  res idue.  Since 
t h i s  nethod of ne-ihane product ion by E2 recyc le  takes  advantage of the  
exothermic heat of coa l  hydrogenation t o  compensate i n  part, for the  
e n d o t h e m i c  heots of the  s t e m  decomposition r eac t ions  which continue 
t o  occur  t o  a s m l l  ex ten t  a t .  hydrogenation temperatures, i t  ap?ears 

ky vi,rr,ce of the- potentially- g e a c e r  thermal e-r?ficiency, both 
en and c o o l  requirements per  PICF C& can be reduced from those of 

other; g a s i f i c a t i o n  processes .  The po ten t i a l  magnitude of chis  reduct ion 
can be seen frox a comparison o f  t he  t h e o r e t i c a l  mater ia l  requi reaents  
i n  Tz'cle 4 ,  based on F igs .  3 and 4 ,  i.;ith a c t u a l  requirements for severa l  
c a s i f i c a t i s n  processes  operated on pilot plant  and l a r g e  sca l e  (Table 
5 , .  
35 irere increased by 2'25 tc compensate for r a d i a t i o n  and convection neat 
losses, s i x e  the t h e o r e t i c a l  heat e f f e c t s  were not s u f f i c i e n t l y  exo- 
ide-mic f o r  these  two cases .  

i n  Table I!, the oxygen ar_d coa l  requi rexents  based on ?igs. 3.4 and 

L ,  

m . La ole 4 . -'?€BOFETiCAL F.IfiTZRIAL WGTJIREN3ES (XCACTOR OXLY) 

Pressure,  A t n .  
Oc"Yet Temp., OF. 
O2/'g20 InleL p4olar R a t i o  
H2/E20 Inlet Molar Rat io  
1-1 l ~ r i  .>- Steam, OF. 

3ecgcled Bydro en,  OF. 
I r A e c  Oxygen, h. 
inlec  Steam bcomp. ,  5 

Requirements/iCCF CH4 : 
Pure Carbon, 1.0. 
Coal, a t  95T? Gas i f i ca t lon  
Steam, 1b:- 
Oxygen, loo$, SCF 
oxygen, 955, SCF 

Theoret ical  Percent Carbon 
Appear i n g  a s  CH4 

l b .  

50 
1700 

0 . 1  
1 .a 

1000 
800 

60 
30 

73.5" 
l 0 j *  
111 
280+ 
295* 

43 

5Q 
1700 
c .15 
2.4 
1000 
800 
60 
40 

74.5* 
104. 

79 
298* 
314 * 

43 

200 200 
1700 1700 

0 . 1  0 . 1  
0.75 1 .0  
1000 1000 

a00 800 
60 60 
30 40 

64.5 63 
90.5 88 
151 110 
318 230 
335 242 

49 51 
* Increased by 20$ over t h e o r e t i c a l  values .  
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Table 5. -TYPICAL iNAFX4L FEQUIEIEMENTS FOR METHANE PROIXTCTION 
FRON SYNTHZSIS GAS (COAL G A S I F E X  O m )  

Process* USBP PAN4 K-T1' IGT" L3 W G S l  PROD.'l" 

Nominal Conditions: 

Coal Type B i t .  B i t .  B i t .  B i t .  Char Coke a a r l e y  
Anth. 

Outlet Tepp. ,  OF. 2500 2350 2300 2500 1100 1200 880 
Pressure,  Atm. 21 1 1 7 . 5  21 1 1 

Ratio 1.5 0.65 0.81 0.45 0.77 0.38 0.29 
Inlet S t e m ,  oP, 625 930 250 1500 500 210 285 

Carbon Gasified,  $ 90 84 85 92 97 99.5 99.4 

Carbon, lb. 96.5 llg 112 93.5 84 100 87 
Coal ( o r  coke),  lb. 137 185 168 125 112 111 110 
S t e m ,  lb.  42 77 85 131 360 152 154 
Oxygen, loo$, SCF 1332 1060 1444 1248 584 1144 951 
Oxygen, 9598, SCF 1408 1118 1520 1312 615 1204 1000 

O J H p O  Inlet Molar 

Inlet Oxygen, ,2?. 625 930 100 100 ' 500 210 285 
Inlet Steam 
Decomp., % 25 25 25 31 34 54 52 

Requirements/MCF C& : 

Percent  Carbon 
Appearing as CHq by 
Me thanat ion 33 26.7 28 34 38 32 36.6 

L = Lurgi  U n i t ;  WGS = Water G a s  Se t ;  PROD. = Producer 
*PAN = Panindco Process; K-T = Koppers-Totzek Gasifier; 

We da:a i n  "able 5 were computed on t h e  bas i s  of 4 SCF CO-plus- 
HZ i n  synLhesFs gas fron coal  t o  y ie ld  1 SCF by catalytFc methana- 
t i o n .  The mater ia l  requirements p e r t a i n  o n l y  t o  tne  coal  g a s i f i c a -  
t i o n  r e a c t o r .  DaLa f o r  Luurgi pressure  gaz i f icaz ion  were adjusted t o  
Cake inco account the methane content  of the raw g3s. 

' XSTIYATION OF REC?CTOR SIZE FROM AVAILABLE DATA ON REACTION RATSS 

I .  Reaction Rate Data 
Comprehensive experimenzal dzta  on r e a c t i o n  races  of nydrogen- 

steam izix tures  with carbon i n  t h e  form of low temperature {Disco) char 
have been reported by Gorin, Goring, Zielke and coworkers .''6'14'15 
The data  were obtained f j o m  a 1 .5- inch I . D .  f l u i d i z e d  bed o f  65/100 
mesh f u e l  p a r t i c l e s  , operated a t  1-30 atmospheres and 1500-1700°F. 
Methane production r a t e s  and t o t a l  carbon g a s i f i c a c i o n  r a t e s ,  expressed 
a s  moles C gasIfied/mole C-min., were determined f o r  pure HZ and f o r  
H~/HzO inlet  molar r a t i o s  In  t h e  range 0.1-2.0 a t  carbon burnoffs o r  
percent g a s i f i c a t i o n s  of O-lOO$. The t o t a l  carbon g a s i f i c a t i o n  r a t e  Is 
the sum of t h e  r a t e  of cH4 product ion and t h e  r a t e  of the steam reac-  
t i o n s  wi th  carbon. Under t h e  candi t ions  o f  t h e  i n v e s t i g a t i o n s ,  t h e  per-  
cent u t i l i z a t i o n  of J12 and decomposition of steam were small, so the  
e x i t  gases contained only a few percent  cH4, CO and COz.  A s  a conse- 
quence, t h e  data do not  take  into account t h e  r e t a r d i n g  e f f e c t s  on t h e  
r a t e s  a s  aD rec iab le  concentrat ions of methane and o t h e r  components 
appear i n  €Re gas i n  a p r a c t i c a l  g a s i f i c a t i o q  system. 

i 

\ 
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The da ta  reported by Zielke and Gorin15 i n d i c a t e  t h a t  steam has a 
marked e f f e c t  i n  increas ing  the  me thane - fomt ion  r a t e ;  t h e  increase,  
T:rhich i s  pressure  dependent, ranges from 2 t o  100 times t h e  r a t e  i n  a 
pure H2 atxosphere,  a t  1700'F. and 1-30 atmospheres t o t a l  pressure.  
The C& r a t e  increases  wi th  t o t a l  pressure r a i s e d  t o  a po'ver betyeen 
0 .1  and 1.5, depending,ugon H2/&0 inlet  molar r a t i o  and percent car -  
bon burnoff,  and decreases r ap id ly  with decreasing temperature. The 
t o t a l  carbon g a s i f i c a t i o n  r a t e  follows approximately t h e  same t rends ,  
except t h a t  a t  high H2/H20 inlet  molar r a c i o s  t h i s  r a t e  becomes equal 
t o  t h e  CH4 r a t e  by v i r t u e  of  l e s s  steam being a v a i l a b l e  f o r  carbon gas- 
i f i c a t i o n  under these  condi t ions.  The C& fo rna t ion  r a t e s  f o r  Disco 
char do not appear t o  be s u f f i c i e n t l y  high a t  p ressures  below 30 a t -  
nospheres and tenperatures  less than  1700°F. t o  be of p a r t i c u l a r  i n -  
t e r e s t  c o m e r c i a l l y .  

To f a c i l i t a t e  r eac to r  ca lcu la t ions ,  p l o t s  of da ta  a r e  required 
sho-,ring CH4 formacion and t o t a l  carbon g a s i f i c a t i o n  r a t e s  a t  50 atmos- 
pheres a s  a f fec ted  by R2/&0 i n l e t  molar r a t i o  and percent  carbon burn- 
o f f .  These graphs r,rere obtained b f i r s t  p l o t t i n g  t h e  reported r a t e s  
aza ins t  pressure (1-30 atmospheres7 on logari thmic s c a l e s ,  f o r  each 
H&120 i r l e t  ciolar r a t i o  inves t iga ted  (0 .32 ,  1 . 0  and 2 .0)  a t  O - l O O $  
carbon burnoff .  The r e s u l t i n g  r-early s t r a i g h t  l i n e s  were extrapolated 
t o  50 atmospheres. The extrapolated poin ts  were then  rep lo t ted  in  
the  desired f o x ,  F i e .  5. The l i n e a r  CH+ r a t e  p l o t ,  Fig.  5A, vas ex- 
tended (dot ted  1inesT beyond the range of H2/Ii20 i n l e t . n o l a r  r a t i o s  
inves t iga ted .  ?he t o t a l  carbon g a s i f i c a t i o n  r a t e  p l o t ,  F ig .  53, vas 
a l s o  extended by con t i rx inz  che trend of  the curves (dot ted  lines) t o  
a 4 . 0  H2/320 i n l e t  molar r a t i o .  I n  e f f e c t ,  F i g s .  5A and 53 a r e  based 
e n t i r e l y  Lipon moderate ex t rapola t ions ;  however, they a r e  believed t o  
be j u s - l i f  l e d .  
11. R e e c t w  &sign Estimate 

0 A .  Proceduye 
Evaluaci.cn, from tne s tandpoint  of ki-netics,  of the  hydrogen re- 

cycle  g a s i f i c a  t i o n  process  v i t h  oyygen-steam admission, reqilires a n  
e s t i c a t e  of the hydrogenetion zone f u e l  bed depth.  To avoid unnecessary 
con>licat ions i t  i s  assumec tha t  1) the  temperature @.adient i n  the . 
hydrcgenation zone of a n  a c t u a l  r eac to r  may be approximaced with a n  
e l f e c c i v e  average temperature (1700'F. ) ,  and 2 )  the ve loc i ty  d i s t r i b u -  
t i o n  of gases a t  D given cross -sec t ion  of  the  r e a c t o r  may be approx- 
ima t e d  by.piston-ty-pe flow a t  an  average ve loc i ty  (cons tan t  ve loc i ty  
distribucion.) . 

The bas ic  design r e l a t i o n s h i p  i s  given by a ma te r i a lba l ance7  over 
a d i f f e r e n t i a l  bed he tght ,  dh, i n  irhich a n  incremental  quant i ty  o f ,  C F 4 ,  
dpm, is f o m e d :  

d% = rn dh = -q Fo dB 

where di3 = incremental  f r a c t i o n a l  burnup of carbon i n  the  element of 

(31) 

f u e l  bed 

sec t ion  
d s  = incremental  CH4 formed, lb. mole hr.-sq. f t .  r eac to r  cross  

rm = C& fo rna t ion  r a t e ,  l b .  mole/bz.-cu. f t .  r e a c t o r  

PO 4 carbon inpu t  r a t e  t o  r e a c t o r ,  .lb. mole/hr.-sq. f t .  

g = r P t  = r a t i o ,  CIL~ fo,mxtion r a t e / t o t a l  g a s i f i c a t i o n  r a t e  

9 

'J 

t 
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For a f ixed  fuel. bed, with countercurrent  flow of gases with 
ressec t  t o  the coa l  feed ,  t h i s  re laZionship nay be in tegra ted  graph- 
i c a l l y  over t h e  l i m i t s  from the s t a r t  of che hydrogemtion zone, 
h = 0 ,  where the burnup i s  So t o  t h e  top of the bed, t i  = H, where t h e  
burnup B = 0 ( f r e s h  coa l  f e e d ) :  

H 0 0 

( 3 2 )  

0 Bo Bo 
Ae a f ixed temperature and pressure  the  q u a n t i t i e s  r , rt and 9 a r e  de-. 
pendent upon carbon burnoff and the composition o f  tRe r e a c t i n g  gases. 
An acceptable  r e l a t i o n s h i p  t o  take i n t o  account the  e f f e c t  of gas com- 
pos i t ion  i n  re ta rd ing  the  r e a c t i o n  r a t e s  i s  given by t h e  r a t i o  Of t he  
act-a1 par t ia l -pressure  product of t h e  reaccing components t o  t h e  e q u i l -  
i b r i u m  constant of  the p a r t i c u l a r  reac t ion .  ay u s e  of  t h i s  coneept, 
che recommnded forms of the r a t e  equat ions a r e :  

.,+ere R, = cH4 formation r a t e  given i n  Flg.  5A,  uncorrected f o r  r e t a r d -  

iven  i n  F i g .  5B, uncorrected 
i n g  e f f e c t s ,  l b .  mole/lb. nole C-min. 

f o r  r e t a r d i n g  e f f e c t s ,  lb. mole$lb. mole C-min. 
C& formation r a t e ,  corrected f o r  r e t a r d i n g  e f f e c t s ,  l b .  mole/ 

Rt  = t o t a l  cnrbon g a s i f i c a t i o n  r a t e  

'I = l b .  mole C-min. 

R e 1  = t o t a l  carSon g a s i f i c a t i o n  r a t e ,  corrected f o r  r e t a r d i n g  
e f f e c t s ,  lb. mole/lb. mole C-min. 

r e a c t i o n ,  atm. 
p = a c t u a l  p a r t i a l  p ressure  of gaseous components a t  point  of 

yc = acr ; iv i tg  of carbon rri th respec t  t o  hydrogenation r e a c t i o n  

7 '  = a c t i v i t y  of carbon rl i th respect  t o  carbon - steam r e a c t i o n  C 

The conversion f a c t o r s  betveen Equations 32-3b a r e :  
These r a t e  equations a r e  considered t o  g ive  conservat ive r e s u l t s  .I5 

rm = 6 0 p c y c  Rn1/12  (35) 

rt = 6OpCsc  R t 1 / 1 2  ( 3 6 )  
wherepc = bulk d e n s i t y  of f u e l ,  lb. /cu.  f t .  

For p r a c t i c a l  purposes the  p r o d u c t p  y 
throughout t h e  hydro ena t ion  zone, f8rcfuels of n o m 1  ash content .  
By use of  Zquation 3%, the  design Ea-uation 32 may be put  i n  the  form: 

yc = weight f r a c t i o n  carbon i n  f u e l  
can be considered constant  
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( 3 7 )  

0 

9. Fixed-Ped Reactor 
1. B s i  Conditions.  The i n t e g r a l  i n  Equation 37 i s  the area 

under a curve? r ec ip roca l  t o t a l  carbon g a s i f i c a t i o n  r a t e ,  1/R I ,  

p lo t t ed  aga ins t f f r ac t iona l  burnoff ,  a, i n  the  hydrogenation zon&. Since 
R,' (Equation 3 3 )  depends upon the p a r t i a l  pressures  of gaseous cons t i -  
tdents  and upon the burnoff a t  a given pos i t i on  i n  the f u e l  bed ,  a 
ma te r i a l  balance i s  required t o  r e l a t e  the va r i a t ion  of gas composition 
wi th  burnoff throughout t h e  f u e l  bed. The o u t l e t  gas cornpositton of the  
r e a c t o r  i s  based on the  equi l ibr ium values given i n  Fig .  3B a t  the poin t  
where t h e  r a t i o  Hz available/H2 consumed ( fo r  c o a l )  i s  un i ty ,  f o r  1200'K. 
(17OO0F.), 50 atmos heres ,  405 steam decomposition, 0.15 02/ii20 i n l e t  
molar r a t i o ,  and 2 . t  H2/H20 i n l e t  molar r a t i o .  
i s  47.2% Hi?, 17-95 HzO, 13.5% CO, 7.5% COZ and 17.9% cH4. 

The ca l cu la t ion  of gas composition va r i a t ion  with burnoff 
t h e  f u e l  bed i s  based on, 1) hydrogen, oxygen and carbon b a l a n c ~ ~ o ~ ~ h  
80% of  the  hydrogen content  of the  coa l  re leased t o  appear i n  cH4 i n  
the hydrogenation zone, weighted l i n e a r l y  according t o  percent carbon 
burnoff ,  and 3 )  maintenance of water-gas-shif t  equi l ibr ium. The t h i r d  
assumption i s  not s t r i c t l y  c o r r e c t ,  s ince  experimental  evidence ind ica tes  
t ha t  t he  crater-gas s h i f t  r e a c t i o n  may be f a r  removed from equi l ibr ium 
under t h e  opera t ing  condi t ions  i n  coa l  gas i f i cac ion  with H2-Zz0 mixtures.' 
However, s ince  the  p r i n c i p a l  discrepancy would l i e  i n  the  a c t u a l  C02/C0 
r a t i o  over  t ha t  t h e o r e t i c a l l y  ca l cu la t ed ,  the assunpt ion o f  water-gas 
s h i f t  equi l ibr ium w i l l  be s u f f i c i e n t l y  accura te .  F ina l  r e s u l t s  of t h e  
maserial  balances a r e  given i n  the  following. 

2.  Na te r i a l  balance f o r  Oxidation Zone. Expressions f o r  tte 
molar q u a n t i t i e s  of hydrogen x1 , steam yr) ,  carbon nonoxide ( z ' ) ,  
carbon dioxide ( m l  1, methane lwl {,  t o t a l  i o l e s  ( N 1  ), and carbon gas i -  
f i e d  ( c  I ) ,  a s  moles/mole i n l e t  steam a r e :  

This o u t l e t  composition 

Q 
= o (no m) 

& (1-SD'  (SD' + 2b) 
(l-SDI 1 + a '  + SD1 - 2wl m1 = 2K3 

2 '  = SD' + 2b - 2m1 
y1 = 1 - SD' 
x' = &y'z'/m' 
N '  = x' + y f  + z '  + m' + w 1  
g 

c = z l  +ml + w l  

Frac t iona l 'burnoff  i n  ox ida t ion  zone: 
a' = c '/c 

g g  
where SDf = steam decomposition i n  oxida t ion  zone: 

a '  = Hz/HzO k n l e t  molar r a t i o  corrected f o r  coal .  
p r i o r  t o  HZ r ecyc le  poin t  

b = O ~ / H Z O  inlet molar r a t i o  

i 

(45)  

Note a f  = 0 
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c = carbon g a s i f i e d  a t  equi l ibr ium o u t l e t  condi t ions of the 

These relatLonships  a r e  r e a d i l y  solved f o r  a given temperature 
hydrogenation zone. 

(vhich detem-ines & ) ,  known values of a '  and b,  assumed value of 
steam decomposition, SD' , and haown value of equi l ibr ium carbon gas- 
i f i c a t i o n ,  c,. 

ij 
j .  Kater ia l  Ealance f o r  HTdro enat ion Zone. FZpressions f o r  the 

molar q u a n t i t i e s  of nydrogen I:;'{, :team y" , carbon nonoxide ( z " ) ,  
carbon dioxide (m"), methane w" , t o t a l  1!101is (N") and carbon g a s i f i e d  - 
(c-"), a s  moles/nole inlet steam a r e :  

Incremental steaixdecomposition occurr ing i n  hydrogenation zone: 

Total  steam decomposition: 
SD" = SD'+ ASD" 

6 =  
B =  
B" = 

SD" 
These 

(2&-1) (1-SD")  + &(SDil + 2b) + CL 
& (SD" + 2b) (1-SD") 

0. j36 C, 

c - c '  
g g  

t h e o r e t i c a l  t o t a l  burnoff of f u e l  res idue  = 100s 
fracti .ona1 burnoff i n  hydrogenation zone 
t o t a l  steam decomposition i n  hydrogenation zone 
r e l a t i o n s h i p s  a r e  solved f o r  a a i v e n  temDerature. assumed 

9 

r e a c t o r  in le t  and o u t l e t  cor-ditions (which-deterninb the  vaiues of 
&, a ' ,  w ,  c B, SD), and hown values of B', SD' and c (from 
oxida t ion  zone) ,  by the ass igning  of a r b i t r a r y  values to the  hydrogen- 
a t i o n  zone burnoff B" . 

Solu t ion  of the  mater ia l  balance equat ions f o r  the  oxidat ion,  
steam decomposition, and hydrogenation zones under the condi t ion of 
exit gas equi l ibr ium resu l ted  i n  the values given i n  Table 6 .  Here 
t h e  exothermic heat of t h e  oxidat ion zone 1 s  balanced approximately 
b the endothemic e f f e c t  of the s team decom o s i t i o n  zone. Beyond 
tge HZ r e c y c l e  p o i n t ,  t h e  exothermic heat  ol! c o a l  hydrogenation i s  

g' g 

I 
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balanced approximately by, 1) the heat requirement of steam decoorposi- 
t i o n  which continues t o  occur to  a small exten t  i n  the hydrogenation 
zone, and 2) cne sensible  heat  required f o r  p r e n e a t i w  the  coal  feed 
aod recycled hydrogen t o  the opera t ing  tmpera  ture .  

composition occurs i n  the  hydrogecation zone (Table 6 )  can 3e checked 
f o r  accuracy a f t e r  completion o f  t h e  r a t e  c a l c u l a t i o n s .  
i n  Table 6 a r e  shown g r a p h i c a l l y  i n  P ig .  6. The r e a c t i o n  r a t e s  of 
Squations 33 and 34 can now be evaluated a t  any f r a c t i o n a l  burnoff 
and assumed a c t i v i t y  of carbon i n  the hydrogenation zone- by reading 
p a r t i a l  pressure values from t h i s  p l o t  and by obtaining the  rai;es R, 
and Rt Prom Figs .  W and 5B. 
which a r e  required f o r  Waphica l  i n t e g r a t i o n  of Equation 37, and l a t e r  
f o r  Equation 31, are  summarized i n  Table 7. The a s s u m t i o n  of 1.1 
a c t i v i t y  of carbon :rFth respec t  t o  the  hydrogenation reac t ions  i s  
j u s t i f i e d  on the bas i s  t h a t ,  g iven s u f f i c i e n t  res idence time, the equi l -  
' ibriun cH4 content based on carbon a s  graphl te  may be exceeded with 

4. Fuel Eepth and Flow Rates.  The assucrpi;ion that 105 steam de-  

The r e s u l t s  

The results of  these ca lcu la t ions ,  

carbon a s  coa l .  B- 
Table 6. -COM€'UTZD GAS COMPOSITIONS AT VARIOUS POIMTS 

Basis: 
I N  FIXED BED WACTOR 

On/H20 inlet molar r a t i o  = 0.15; 
H2/H20 inlet  molar r a t i o  f o r  pure 
carbon = 2.41, f o r  coa l  = 2.01; 
c o a l  conta ins  75 wt. $ C, 5 w t .  $ H. 

Assumed Theore- 

1 

Posit i o n  
02-H20 IrLLet 

End of Oxidation 
t o  Reactor 0 

Zone 0 

composition Zone . 30 

Recycle 30 

f i d  of Steam De- 

Point of H2 

I n l e t  t i c a l  
Steam Carbon Gas Corn., Mole 

Decoorp., $ Burnoff,  $ - 

100 1j -- 87 _ _  _ _  _ _  
87 -- 13 -- -- -- 87.3 

58.3 -- 21.j 49.8 15.1 13.8 -- 
56.8 -- 65.7 19.8 12.0 2.5 -- 

50$ 'through 

Outlet  of 

Hydrogenation 
Zom? 35 28.2 -- 56.6 18.8 12.8 3.0 8.8 

Reactor 40 0 -- 47.2 17.9 13.5 3.5 17.9 
Molar Quantities, mole/mole inlet steam 

Carbon 
P o s i t i o n  02 & ~ 2 0  E C& Total Gasifled 
02-H20 IriLet 

End of Oxidation 

End of Steam Ce- 

Point  of  H2 

50% through 

Out le t  

-- -- 1.15 -- t o  Reactor 0 .15  -- 1 . 0  -- 
Zone -- -- 1 . 0  -- 0.15 -- 1.15 0.150 

composition Zone -- 0.30 0.70 0.21 0.19 -- 1.40 0.493 

Recycle a- 2.32 0.70 0.42 0.09 -- 3.53 0.511 

F drogena t ion  

React o r  -- 1.60 0.60 0.46 0.12 0.605 3.39 1.182 
&ne -- 1.96 0.65 0.44 0.10 0.303 3.45 0.850 
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T H E O R E T I C A L  C A R B O N  B U R N O F F ,  % 

Fig. 6 .  -COI@iJPUTED VA,,iAmON OF GAS COMPOSITION WITH 
C&WON BURNOFF IN FIXED-EED REACTOR AT 

1700'F. AN3 50 ATNOOSPI-EKES 
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Table 7.-REACTION RATES FOR VARIOUS PERCENT BURNOFF 
I N  F I ~ - ~  REACTOR RYDROGENATION ZONE 

OPEFATING AT 1700°F- AND 50 ATPI. 
(Act iv i ty  of Carbon, = 1.1, = 1.0) 

Ratio I n h i b i t i n g  Terns 
Burnoff Rat io  p c i  pcos, Rates,  moles/mole G-min. q = 

H2/Ha0 K I + ~ ~ ~ ~  KZ%,~*Y~, 51' x lo4 R t '  x l o 4  
56.8 3.32 0 0.499 87 .o 94.5 0.921 
50 

3.04 0.28 0.489 74.1 86.1 0.861 30 

2.71 0.77 0.462 28 .1  38.3 0.734 
0 2.65 0.91 0.450 11.6 21.0 0.555 
5 

3.25 0.06 0.498 85.5 95 -1 0 .god 
40 3.15 0.16 0.492 84 .O 9 3 - 1  o .go2 

20 2.90 0.45 0.478 60 .o 72 .O 0 .834 
1 0  2.78 0.66 0.462 40.4 52.2 0.774 

From t h e  data i n  Table 7, graphica l  i n t e g r a t i o n  of Equation 37 
yielded a value of 86.25 min.-mole C/mole ( inverse  space v e l o c i t y ) .  
The j r o b a b l e  height of t h e  hydrogenation zone is  therefore :  

H = 86.25 Fo/5Pc Yc (55) 

P r a c t i c a l  values of t h e  i n l e t  f e e d  r a t e  FCJ, moles C / h r .  sq. f t . ,  can be 
s e l e c t e d  on the bas i s  of a conservat ive Lurgi r a t e ,  140 l b .  coal /hr .  sq. 
f t . ,  and t h e  f a c t  that t h e  incremental  burnoff p r i o r  t o  the  hydrogena- 
t i o n  zone was estimated a s  100-56.8, or 43.2% (Table 6 ) :  

Fo = (140)(0.75)/(12)(0.432) = 20.2 moles . f t .  f o r  a coa l  containing 
carbon. 

Assuming a 40 Ib./cu. f t .  f u e l  bed bulk dens i ty ,  t h e  estimated height of 
t h e  hydrogenation zone i s :  

which i s  appl icable  on ly  f o r  65/100 mesh f u e l  p a r t i c l e s .  A f ixed  bed 
would operace wi th  perhaps 1/4-incii average s i z e  f u e l .  Some cor rec t ion  
i s  t h e r e f o r e  required,  but necessary da ta  a r e  lacking,  f o r  t h e  e f f e c t  
of ?del s i z e ,  s ince r e a c t i o n  r a t e s  per  unit mass of f u e l  vary with 
e f f e c t i v e  sur face  area and method of contact ing.  

A v e r i f i c a t i o n  of che amount of steam decomposition occurring 
simultaneously with the  hydrogenation reac t ions  can now be made, based 
on t h e  fluid-bed r a t e  da ta  (Figs. 5A, 5B and Table 7 ) ,  through i n t e -  
g r a t i o n  of Equation 31: 

Ii = (86 .25) (20 .2) / (5 ) (40) (0 .75)  = 11.6 f t .  

% = -Fo dB (56) 
Bo 

and t h e  a d d i t i o n a l  r e l a t i o n s h i p ,  

(57) 

where % = methane produced i n  hydrogenation zone, l b .  mole/hr.-sq. f t .  
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F% = t o t a l  carbon g a s i f i e d  by hydrogenation and by steam d e -  

The incremental  steam decomposition occurr ing i n  the  hydrogenation 
zone, ASD", i s  then given by: 

where ii = methane produced (equi l ibr ium value a t  o u t l e t  Of r e a c t o r ) ,  
nole/mole inlet  steam. For t h i s  case w = 0.605 (Table 7 ) ,  and the 
r a t i o  nt/% = 1.19 (graphica l  i n t e g r a t i o n ) ,  so: 

composition, l b .  mole/hr.-sq. f t .  

ASD" = w (nt/n,  - 1) (58) 

ASD" = 0.605 (1.19-1) o r  11.5% 
which i s  i n  c lose  agreement w i t h  t h e  lo$ steam decompositlon previously 
assumed . 
t i e s  and residence times for the  proposed g a s i f i c a t i o n  process a re :  
a )  Steam feed r a t e ,  lb./hr. sq .  f t . ,  = 18 Fo/cg = (18) (20.2)/1.182 

b) Oxygen feed r a t e  

%sed on these r e s u l t s ,  t h e  estimated flow r a t e s ,  space velocl-  

= 308 
SCF/hr. sq. f t . ,  = 379 bFo/cg = 

(379) (0.15) (20.21/1.132 = 970 
c )  Zydrogen recyc le  cu. f t .  hydrogenation zone 

= 379 a'Fo/Hcg = = 1125 
d )  Mekhane space ve loc i ty  SCF/hr. cu. f t .  hydrogenation zone 

= ( j 7 9 )  v F ~ / H c ~  = (379~(0.605)(20.2)/(11.6j(1.182) = 336 

e )  Approximate coa l  res idence time i n  hydrogenation zone, hr., based 
on inlet  volume of coa l  

Hpc yc (11.6) ( 4 0 )  (0.75) 
= 1 . 4 4  =m = (12)(20.2) 

f) Approximase gas res idence t i m e  i n  hydrogenation zone, s e c . ,  based on 
average gas volume and 40% void space ( E  ) of  the  f u e l  bed 

4940FH c E (4940)(~0)(11.6)(1.182)(0.40) 
= N+2 = (3 .46)(20.2)(21bO) = 9  

a vl3 
C .  Fluid-Bed Reactor 

1. Desi@ Conditlons.  I n  the a n a l y s i s  of the  fluid-bed r e a c t o r  
i t  i s  assuned: . .  

a )  The r e a c t o r  i s  completely s t i r red v i t h  respec t  t o  coa l ,  i . e . ,  the 
percenr, carbon burnoff i s  un i forn  throughout t h e  hydrogenation zone. 

b )  Gases move through the  r e a c t o r  i n  pis ton-type flow, i .e . ,  back- 
mixing i 3  neglected.  

c )  The hydrogenation zone i s  a t  constant  temperature (17OOOF.) and con- 
s t a n t  pressure  (50 atm.) .  

d )  The same equi l ibr ium o u t l e t  gas composition w i l l  be a t t a i n e d  as  was 
assuned f o r  the  fixed-bed case c a l c u l a t i o n s .  

e )  30$ steam decomposition w i l l  be a t t a i n e d  p r i o r  t o  the  hydrogenation 
zone. I n  the  hydrogenation zone, an  additional 10% steam decoa- 
p o s i t i o n  w i l l  occur .  

f )  Tne water-gas s h i f t  r e a c t i o n  Is i n  cont inua l  equilibrium i n  the 
hydrogenation zone. 
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g )  With the conditions of Items b,  e and f above, the gas composition 
w i _ l i  vary v f t h  burnoff a s  i n  Fig.  6. 
2. File1 Cepth and Flow Rates.  Sy use of t h e  procedure a l ready  

d e s c r i b e d ,  graphicai  i n t e y a t i o r i  of Zquation 37 gave 102 .9 min. -mole 
C/xole f o r  the rec iproca l  Lotal carbon g a s i f i c a t i o n  r a t e  (corrected 
f o r  r e t a r d i n g  eff 'ects)  under t h e  condi t ions l i s t e d  above. & t a i l s  
a r e  summarized i n  Table 8. The probable height or' the  hydrogenatton 
zone i s  therefore  R = 102.9 F0/5 p ,yc. 

Tabie 3 . -FEACTIOK ? J Z S  FOR VAQIOUS PZRCENF BURTJOFF 
I11 FL-JID-aZD iEACTOR ii"LCR0GZNATIOM ZOKE 

OPERAMFG AT 1700'F. L I D  30 ATbi. 

(Average Burnoff of Fluid Ped = 56.8s; 
A c t i v i t y  of Carbon yc = 1.1, rcr = 1.0) 

I n h i b i t i n g  Term 2eac t ion  Razes, Rat io  
Burnoff, Ratio %E4 PCO ?xi2 qo?ole/xole C-min. q = 

?7 H2/320 =41*2 Y c  -k20 ycr % ' x l O *  Rtrxl9< , 

87.0 94.5 0 -921 
80.8 38.8 0 .g10 

56.8 3.32 0 
50 3.25 0.06 
PO 3 . i 5  0.16 0.492 73.1 81.2 0 .9Cl 
30 3.04 0.28 0.489 65.0  71.5 0 .38j 
20 2 .go 0.45 0.478 48.4 . 57.8 0.837 
10 - 2.78 0.66 0.462 30 -7 40 .g 0.752 

0.668 3 2.71 0.77 0.458 20.5 30 -7 
0 2.55 0.91 0.450 8 . 1  19.1 0.423 

The carbon g a s i f i c a t i o n  capac i ty ,  Fo, i s  estimated by asslamin& a 
s u p e r f i c i a l  ve ioc i ty  ( v  ) o f ,  say ,  0 .3  f t . / s e c .  a t  the point  of rax- 
imum gas i'low. 
sure ,  tenperature  and f l u i d i z i n g  ve ioc i ty  i-s then N = 4940 Pv /T- 
vnich v i t h  ? = 50, T = 2i60°R. becomes I4, = 54.4 mores gases/hh:.-sq. f t .  

From 
prevfous computations (Eqd.claticns 38 t o  45 and Table 6) the r a t i o  of 
gases a t  this point i s  3.531 moles/mole i n l e t  steam. T'ne t o t a l  amount 
o f  carbon g a s i f i e d  Mas 1.182 moies/moie i n l e t  steam. TheSefore, the  
carbon input  r a t e  i s :  

The to t51  moles of gases p e m i s s i b l e  a t  a chosen D y e s -  

n ihe  t o t a l  gnses a r e  a t  a mximum a t  the boint  of hydrogen recycle .  

(1*"2)(34*4) = 11.5 soles c / b . - s q .  f t .  
3 .. 53i  Fo = 

For a f l u i d  bed dens i ty  of 35 l b .  cu.  f t .  and f u e l  containing 75 w t .  $ 
carbon, the es t iva ted  height  of t he  nydrogenation zone i s  : 

which again would be appl icable  dnly f o r  65/i00 mesh f u e l  p a r t i c l e s .  
By use of the  procedure of Equations 56-58, the  estimted s t e a u  

decomposition occurr ing simultaneously with t h e  hydrogenation reac t ions  
I n  t h e  f l u i d  bed i s ,  found t o  be: 

which i s  i n  acceptable  agreement with the 10% assumption on which the 
r e a c t i o n  r a t e  ca lcu la t ions  were based. 

res idence t i u e s  f o r  the  proposed g a s i f i c a t i o n  process  a r e :  

H = ( 1 0 2 . 9 ) ( 1 1 . 5 ) / ( 5 ) ( 3 5 ) ( 0 . 7 5 )  = 9 f t .  

ASD" = 0.605 (1.20 - 1) o r  12.1% 

From these r e s u l t s  t h e  est imated flow r a t e s ,  space v e l o c i t i e s  and 

, 
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a )  Steam feed r a t e ,  lb . /hr . -sq.  f t .  = (18)(11.5)/1.182 = 175 
b)  Oxygen feed r a t e ,  SCF/’nr.-sq. f t .  = (379)(0.15)(11.5)/1.182 = 555 
c )  Hydrogen rec  c l e  space v e l o c i t  SCF/hr. cu. f t .  hydrogenation zone 

= (379) (2 .Olt) (11.5)/(9) (1 .18eTJ= 825 
d )  Methane space v e l o c i t  

= (~79)(0.605)(11.~)~~)(1.182) = 250 
e )  Approximate coal  res idence time i n  hydrogenation zone, hr. based 

on constant  dens i ty  of f l u i d  bed = ( 9 ) ( 3 5 ) ( 0 . 7 5 ) / ( 1 2 ) ( 1 1 . ~ ~  = 1.7 
f) Approximate gas residence time i n  hydrogenation zone, sec. ,  based 

on ar i thmet ic  average s u p e r f i c i a l  ve loc i ty  (7 ) of the f l u i d i z i n g  

79)(0.60)/0.294 = 1 8 . 4  

SCF/hr. cu.  f t .  hydrogenation zone 

a s e s  and 60$ void space ( E  ) of the f luid-be& = HE/LVf = 

These approximate r e a c t o r  ca lcu la t ions  i n d i c a t e  that t h e  hgdro- 
genation zone f u e l  bed depths f o r  e i t h e r  fixed-bed o r  a fluid-bed 
operat ion a r e  within reasonable values f o r  a p r a c t i c a l  system. 
be stressed, hovever, t h a t  no i n t e r p r e t a t i o n  of these r e s u l t s  should 
be made under condi t ions and assumptions o t h e r  than those Set f o r t h .  
I n  p a r t i c u l a r ,  the r e s u l t s  apply s t r i c t l y  t o  65/100 mesh low-tempera- 
t u r e  coal  char made by the Disco process.  
reac t ion  r a t e  data a t  higher pressu-res,  the  reported r a t e  data  f o r  
1700’F. vere  extrapolated t o  50 atmospheres and were a h 0  extended 
beyond the range of H2/Ii20 inlet inolar r a t i o s  inves t iga ted .  
a l s o  apply s t r i c t l y  t o  a fluid-bed operat ion,  s ince  they were ob- 
tained i n  t h i s  type of equipment. 

bed r e a c t o r ,  al though i n d i c a t i v e ,  must be vie!red with reserva t ion ,  
s ince s u f f i c i e n t  i n f o m a t i o n  i s  not present ly  a v a i l a b l e  t o  cor rec t  f o r  
possible  e f f e c t s  of p a r t i c l e  s i ze  and o f  d i f f e r e n t  flow c h a r a c t e r i s t i c s  
and gas-contacting e f f i c i e n c i e s  between fluid-bed vs . fixed-bed opera- 
t ion.  For  s i m p l i c i t y  i n  t h e  ca lcu la t ions ,  a constant  operat ing tein-. 
pera ture ,  17OO0F., vas assumed throughout the hydrogenation zone. It 
i s  poss ib le  t o  improve the r e s u l t s  given here by taking i n t o  account 
the expected temper2 ture  d i s t r i b u t i o n  i n  the hydrogenation zone through 
a simultaneous heat balance v i t h  the  r e a c t i o n  r a t e  c a l c u l a t i o n s .  

t i o n  i s :  
a )  Zf fec t  of moderate concentrat ions of CO and COB i n  i n h i b i t i n g  the  

b )  Effec t  of g a s i f i c a t i o n  proper t ies  of various f u e l s ,  and 
c )  Exact c o s t s  of methane separat-ion by l i q u e f a c t i o n .  

I t  must 

For l a c k  of e.xp=rimental 

The da ta  

The r e s u l t s  derived by a p p l i c a t i o n  of these r a t e  data t o  t h e  fixed- 

Fur ther  i n f o m a t i o n  which i s  lac’king f o r  a more complete evalua- 

r a t e s  of the hydrogenation reac t ions .  

SUNN!-EY AND CONCLUSIONS 
Thermodynamic analyses  i n d i c a t e  tha t  the proposed process f o r  

methane production v ia  coal g a s i f i c a t i o n  with recycled hydrogen can- 
not be independent simultaneously of both e x t e r n a l  hydrogen and ex- 
t e r n a l  hea t .  Operating condi t ions can ‘se found where, t h e o r e t i c a l l y ,  
e i t h e r  1) the  process i s  thermally s e l f - s u f f i c t e n t  b u t  l acks  h~~idrogen, 
o r  2 )  the  process i s  s e l f - s u f f i c i e n t  with respec t  to  hydrogen, but  
lacks  hea t .  It i s  believed t h a t  i t  would be of‘ g r e a t e r  advantage t o  
operate  t h e  process according t o  Item 2 above, s ince  t h e  thermal re- 
quirements could be r e a d i l y  ne t  by i n t e r n a l  combustion of r e s i d u a l  
carbon v i t h  o.xygen. The t h e o r e t i c a l  heat  requl renents  based on carbon 
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as  p - g r a p h i t e  were found. t o  Ze Tn - the range ~25,000-100;000 Btu/lb.-  
mole Wa produced. The heat. requirements with coa l  a3 the g a s i f i c a -  
t i o n  f u e l  would be s t i l l  l a r g e r ,  s ince the exothermic heat of coa l  
hydrogenation i s  not a s  l a r g e  a s  that f o r  hydrogenation of pure c a r -  
bon. The use of oxygen f o r  p a r t i a l  combustion would provide,  simul- 
taneously,  a high-temperature zone for; rapid steam decomposition. 
Cecompositions - o f  a t  l e a s t  jO$ a r e  required f o r  economical u t i l i z a -  
t i o n  of steam, s ince t h i s  i s  t h e  pr ivary hydrogen source.  

Tnemodynanic ca lcu la t ions  cf t h e  revised process ,  !with oxygen 
admission below the  poin t  of hydrogen recycle ,  show th2.t both thermal 
and hydrogen se i f - suf f ic iency  can t h e o r e t i c a l l y  be a t t a i n e d  a t  1700'F. 
and 50-200 atmospheres. The process i s  p o t e n t i a l l y  more e f f i c i e n t  i n  
respect  t u  the  proport ion of carbon i n  t h e  f u e l  appearing a s  methane, 
and re2resents  a nethod of achieving,  t h e o r e t i c a l l y ,  oxygen requi re -  
nents  l e s s  t h a n  those of the conventional Lurgi pressure  g a s i f i e r .  

&sed on a v a i l a b l e  data on reac t ion  r a t e s  of 65/100 mesh lou -  
temperature coal char (Disco) v i t h  hydrogen-steam mixtures,  rue1 bed 
heights  f o r  the hydrogenation zone were estimated a t  9 f e e t  fo r  a 
f luidized-bed r e a c t o r ,  and approximately 11-12 feet f o r  a fixed-bed 
r e a c t o r ;  a t  1700°F., 50 atinospheres, :? i th  equi l ibr ium e x i t  gas com- 
pos i t ions .  These bed hei&hts appear t o  be v i t h i n  achievable values 
f o r  a p r a c t i c a l  gasifier design. 

heat def ic iency,  then t h e  proposed process ,  i f  operated a s  a f ixed 
f u e l  bed, reduces t o  an  adapta t ion  o f  the Lurgi pressure g a s i f i e r  
modified f o r  hydrogen recyc le  i n  the upper port ions of the f u e l  bed .  
If operated a3 a f lu id ized  bed, the proposed process with oxygen ad- 
mission does not differ  i n  p r i n c i p l e  from fluidized-hydrogenation- 
res idua l - fue l -gas i f ica t ion  schemes already proposed or already under 
inves t iga t ion .  

A s  a s ing le-vesse l  r e a c t o r ,  the method of methane production by 
hydrogen recyc le  would appear t o  be more e f f e c t i v e  i n  a f ixed bed by 
v i r t u e  of t h e  countercurrent movement of f u e l  with respec t  to  the  
r e a c t i n g  gases .  Tine use of a s ingle-vessel  f luid-bed r e a c t o r ,  !.rhere 
both oxygen and hydrogen a r e  introduced, i s  seen t o  be of disadvantage 
by v i r t u e  of  rapid mixing of f u e l ,  r e s u l t i n g  i n  some v o l a t i l e  matter 
being burned by oxygen. Since the  v o l a t i l e  mat ter  p o r t i o n  of the f u e l  
i s  the  most r e a d i l y  hydrogenated component, i t  appears t h a t  an  e f f e c -  
t i v e  fluid-bed system would r e q u i r e  a separate  r e a c t o r  to  conduct t o  
completion the vola t i le -mat te r  hydrogenating r e a c t i o n s ,  and a second 
vesse l ,  immediately below t h e  f i r s t ,  :o g a s i f y  r e s i d u a l  carSon with 
oxygen and steam. The hot gases  f r o n  the second vesse l  would be 
passed d i r e c t l y  i n t o  t h e  hydrogenation r e a c t o r .  

1) Hydrogen separat ion by methane l i q u e f a c t i o n ,  coupled w i t h  hydrogen 
recyc le ,  appears t o  be an  a t t r a c t i v e  approach for p i p e l i n e  gas 
production and therefore  should be f u r t h e r  explored f o r  p o t e n t i a l  
a p p l i c a t i o n  t o  present  c o a l  hydrogenation methods under labora tory  
i n v e s t i g a t i o n .  

p o t e n t i a l  impEovements i n  g a s i f i c a t i o n  e f f i c i e n c y  and o q g e n  re- 
quirement p e r  unit volume of p ipe l ine  gas produced. 

Since the use of oxygen i s  the preferred method of supplying Ghe 

From the  r e s u l t s  of  t h i s  f e a s i b i l i t y  study i t  can be concluded: 

2 )  The use of hydrogen recyc le  t o  t h e  Lurgi pressure g a s i f l e r  o f f e r s  
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